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Summary

Ejector-type loop reactors with external circulation and heat exchanger stand out
for dispersing the gas phase without the use of any stirrers, an efficient utilization
of the applied power input, high mass transfer rates and an easily adjustable heat
exchanger surface. These reactors utilize the kinetic energy of a liquid jet produced
by a nozzle in order to disperse the gas phase. A very recent loop reactor develop-
ment is the so-called Advanced Buss Loop Reactor (ABLR).

The objective of this work was the determination of the relevant mass transfer char-
acteristics of the ABLR, i.e. the volumetric mass transfer coefficient kj a, the gas
holdup € and the bubble size distribution, in dependence of as well different reac-
tion mixer geometries as different operational conditions like the power input, the
system pressure (up to 80 bar) and the properties of the gas and the liquid phase.
For this purpose a pilot scale ABLR was designed and constructed which allowed
the variation of the influencing parameters and the determination of the relevant
mass transfer characteristics. The volumetric mass transfer coefficient kj a was
determined at ambient pressure with the steady-state hydrazine feeding technique
and at elevated pressures with a pressure step technique. At the same operating
conditions both techniques produced the same values for k;a <0.1 sL. The bubble
size distributions were determined by two different photographic techniques,
depending on the testing conditions. For measurements with fine bubble disper-
sions a special in-process video microscope for high speed applications was used.
For dispersions with bubble diameters well above 1 mm a digital photocamera was
applied. The evaluation of the obtained images was assisted by image analysis.

By the variation of as well the power input as the liquid batch volume it could be
shown that kj a is a nearly linear function of the specific power input alone (at oth-
erwise constant conditions). Furthermore, in contrast to common ejectors, it was
found that the contribution of the reaction mixer volume to the overall mass trans-
fer can be neglected.

The volumetric mass transfer coefficient kja is also strongly influenced by the
reaction mixer geometry. For the mixing tube an optimal length could be identified.
An increased ratio of nozzle diameter to mixing tube diameter led to an increase of
k; a due to an increase of the momentum of the dispersion jet charging from the
mixing tube. A swirl flow induced on the liquid jet charging from the nozzle
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resulted in increased gas entrainment rates but kj a decreased significantly. This
could be explained by a reduced vertical momentum of the plunging dispersion jet
which results in a decrease of the mixing intensity and, therefore, of the liquid sided
mass transfer coefficient k . In contrast to ky a and the gas holdup the Sauter bubble
diameter was not influenced by the reaction mixer geometry. On the basis of the

dimensional analysis an empirical model was derived for the quantitative descrip-
tion of the made observations.

The liquid properties also had a strong influence on the mass transfer characteris-
tics. With liquids at which the bubble coalescence was strongly hindered the Sauter
bubble diameter was approximately ten times smaller than with pure water. This
led to a massive increase of both k;j a and the gas holdup.

Most industrial gas-liquid reactors are operated at elevated pressures and various
gas types are applied, i.e. the physical properties of the gas phase vary within a
rather broad range. Therefore, an eventual influence of the system pressure and the
gas type has to be taken into account for the correct design of gas-liquid contactors.
For this reason the mass transfer characteristics were measured with different gas
types at elevated pressures. For pressures between 1-10 bar the Sauter bubble
diameter was found to decrease with increasing gas densities. It was possible to
derive the corresponding design correlation. Due to the reduced bubble size also
the gas holdup and k; a increased. Additional measurements were carried out with
a full scale pilot plant where pressures up to 80 bar were possible and the results
obtained at lower pressures regarding the influence of the gas density on kj a could
be confirmed.
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Zusammenfassung

Ejektor-Schleifenreaktoren mit externer Zirkulation und externem Warmetauscher
zeichnen sich dadurch aus, dass sie die Gasphase ohne die Hilfe von Riihrern dis-
pergieren, die eingetragene Leistung effizient nutzen, hohe Stofftransportraten auf-
weisen und eine leicht anpassbare Wairmetauscheroberflache besitzen. Fiir die
Gasdispergierung verwenden diese Reaktortypen die kinetische Energie eines
durch eine Diise erzeugten Fliissigkeitsstrahles. Eine der neuesten Entwicklungen
auf dem Gebiet der Schleifenreaktoren ist der sogenannte Advanced Buss Loop
Reactor (ABLR).

Das Ziel dieser Arbeit war die Bestimmung der relevanten Stoffiibergangsmerk-
male des ABLR, d.h. des spezifischen Stoffiibergangskoeffizienten kj a, des Gas-
holdups €5 und der Blasengrossenverteilung, in Abhéngigkeit sowohl der
Geometrie des Reaktionsmischers als auch verschiedener Betriebsbedingungen
wie dem Leistungseintrag, dem Betriebsdruck (bis zu 80 bar) und den Eigen-
schaften der Fliissig- bzw. der Gasphase.

Zu diesem Zweck wurde ein ABLR im Pilotmassstab entworfen und konstruiert,
welcher es erlaubte, die einflussnehmenden Parameter zu variieren und die rele-
vanten Stoffiibergangsmerkmale zu bestimmen. Der spezifische Stoffiibergangs-
koeffizient wurde bei Umgebungsdruck mittels der Hydrazin-Methode und bet
erhohten Driicken mit der Drucksprungmethode ermittelt. Fiirk; a <0.1 sl wurden
mit beiden Methoden die gleichen Werte erhalten. Die Blasengrossenverteilungen
wurden abhédngig von den Testbedingungen mit zwei unterschiedlichen photo-
graphischen Methoden bestimmt. In feinen Blasendispersionen wurde eine
spezielle Video-Mikroskopie-Sonde mit sehr kurzen Belichtungszeiten verwendet.
Bei Dispersionen mit Blasendurchmessern iiber 1 mm kam eine digitale Photoka-
mera zum Einsatz. Die Auswertung der erhaltenen Bilder wurde durch Bildanalyse
unterstiitzt.

Durch Verindern sowohl des Leistungseintrages als auch des Befiillungsvolumens
konnte gezeigt werden, dass der kj a-Wert eine anndhernd lineare Funktion allein
des spezifischen Leistungseintrages ist (bei ansonsten konstanten Bedingungen).
Im Gegensatz zu herkommlichen Ejektoren konnte weiter festgestellt werden,
dass der Beitrag des Reaktionsmischervolumens zum gesamten Stoffiibergang
vernachlissigt werden kann.



Der kja-Wert wird ebenfalls stark von der Geometrie des Reaktionsmischers
beeinflusst. Beziiglich des Mischrohres konnte eine optimale Lénge identifiziert
werden. Eine Vergrosserung des Verhiltnisses zwischen Diisen- und Mischrohr-

durchmesser fiihrte zu einer Erhhung von k; a. Diese konnte auf eine Zunahme
des Impulses des Dispersionsstrahles, welcher aus dem Mischrohr austritt, zuriick-
gefiihrt werden. Wenn dem aus der Diise austretenden Flussigkeitsstrahl eine
Drallstromung induziert wurde, resultierte zwar eine erhohte Gasmitnahme aber
auch eine signifikante Verringerung von kg a. Dies liess sich anhand einer Verrin-
gerung des vertikalen Impulses des eintauchenden Dispersionsstrahles erkliren,
welche zu einer Verringerung der Mischintensitdt und somit des fliissigseitigen
Stoffiibergangskoeffizienten k; fiihrt. Im Gegensatz zu k; a und dem Gasholdup
wurde der Sauter-Blasendurchmesser nicht von der Geometrie des Reaktions-
mischers beeinflusst. Zur quantitativen Beschreibung der gemachten Beobachtun-
gen wurde auf der Grundlage der Dimensionsanalyse ein empirisches Modell
hergeleitet.

Die Eigenschaften der Fliissigphase hatten ebenfalls einen grossen Einfluss auf den
Stoffiibergang. In Fliissigkeiten, die eine starke Koaleszenzhemmung aufwiesen,
war der Sauter-Blasendurchmesser ungefihr zehnmal geringer als in reinem
Wasser. Dies fiihrte zu einer starken Erhohung des k;ja-Wertes und des Gas-
holdups.

Die meisten industriellen Gas-Fliissig-Reaktoren werden bei erhchten Driicken
und mit verschiedenen Gastypen betrieben, d.h. die physikalischen Eigenschaften
der Gasphase werden innerhalb eines grossen Bereichs variiert. Fiir die korrekte
Auslegung von Gas-Fliissig-Reaktoren muss daher ein eventueller Einfluss des
Systemdrucks oder des Gastyps beriicksichtigt werden. Aus diesem Grunde wur-
den die Stoffiibergangsmerkmale mit verschiedenen Gasen und bei erhohten
Driicken gemessen. Bei Driicken zwischen 1-10 bar wurde festgestellt, dass sich
der Sauter-Blasendurchmesser mit zunehmender Gasdichte verringert. Eine
entsprechende Korrelation konnte hergeleitet werden. Die verringerte Blasen-
grosse fiihrt ebenfalls zu einer Erhhung des Gasholdups und von kj a. Zusétzliche
Messungen wurden mit einer technischen Pilotanlage durchgefiihrt, bei welcher
Driicke bis 80 bar erreicht werden konnten. Die bei tieferen Driicken erhaltenen
Resultate beziiglich des Einflusses der Gasdichte auf k; a konnten bestétigt werden.
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Nomenclature

Latin letters

specific surface area

interfacial area

Hinterland ratio

system coefficients (Eq. 3-8)
concentration

discharge coefficient

diameter

Sauter bubble diameter

diffusion coefficient in the liquid phase
specific power input

specific power input, dimensionless
enhancement factor (chemical influence)
regression coefficients

acceleration due to gravity

lead of the swirl device helix
penetration depth of a plunging jet
aerated liquid surface level

static liquid surface level

Henry’s law coefficient

Hatta number

molar absorption flux

gas sided mass transfer coefficient
liquid sided mass transfer coefficient
chemical reaction rate constant
volumetric mass transfer coefficient
dimensionless kj a

mixing tube length

enhancement factor (coalescence influence)
Morton number

molecular weight

number of moles

[m]

[m]

[Pa m> mol'l]

[-]

[mol m? s'l]
[mol m? Pa’! s’l]
[ms]

[mol-(m+n)— 1m3 (m+n)-1 S-l]

[s7']

[-]

[m]

[-]

[-]

kg mol ™!
[mol]



pressure

partial pressure of component A
power input

p

Pa

P

Q volumetric flow rate
r radius

r chemical reaction rate
R gas constant

R swirl device radius

Sc Schmidt number

Sw swirl number

Swy  swirl body number

t time

T temperature
u velocity

v axial velocity

\%% liquid batch volume
VN2H4 hydrazine feeding rate

w angular flow velocity

X room coordinate

X influencing parameter, dimensionless
Y target quantity, dimensionless

Greek letters

pitch of the swirl device helix (Fig. 2-2)
nozzle cone angle

swirl device twist angle

PVM insertion angle

film thickness

difference

gas holdup

exponent

proportionality factor

surface tension

T a >R MO b 0= RXR @R

dynamic viscosity
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[mol m> s'l]
[J K mol™!]
[-]
[-]
[-]
(-]
(s]



% kinematic viscosity

% stoichiometric coefficient
0 homogeneous flow model density
p density

T response time constant

) absorption rate

® ratio of two different nozzle diameters
Subscripts

0 fluid bulk

A component A

B component B

disp  Dispersion

G gas phase

i interface

in inlet

J jet

L liquid phase

m,n chemical reaction order
N nozzle

M mixing tube

out outlet

probe measuring probe

R liquid recirculation pipe
tot total

Abbrevations

ABLR Advanced Buss Loop Reactor

BLR
PVM

Buss Loop Reactor
Process Video Microscopy probe
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1 Introduction

Gas-liquid(-solids) reactions are common throughout many fields of today’s indus-
try. To mention are for example the petrochemical industry, the synthetic chemis-
try, biotechnological applications or waste water treatment applications.

The efficiency of gas-liquid(-solids) reactions is often influenced by the mass
transfer characteristics of the applied reactor type, especially if gases of low solu-
bility are used and the mass transfer between the different phases becomes the rate
limiting step. Examples of mass transfer limited industrial applications include
hydrogenation processes (e.g. hydrogenation of double and triple bonds), amina-
tions, alkylations or oxidations. Low mass transfer characteristics result in as well
lower conversion rates as longer reaction times and may also lead to lower selec-
tivities and catalyst deactivation (see e.g. Nagel et al., 1978).

According to Lee and Tsui (1999) there exist three key factors for succeeding at
gas-liquid reactions:

1. Fluid mechanics, that is, the geometric and physical aspects of the system that
govern the distribution and flow of the fluids, the mixing intensity and the
mass and heat transfer rates.

2. Integrity of the equipment regarding corrosion, service and safety aspects.

3. The kinetics in case of a chemical reaction, because it dictates the intrinsically
attainable reaction rate.

From the above list it is evident that gas-liquid(-solids) reactors are one of the
most difficult reacting systems to commercialize. Their development requires
dealing with virtually all facets of chemical engineering sciences. This can be
very well illustrated with the help of a diagram taken from a publication of
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Kawase and Moo-Young (1990) which shows schematically the many interactions
occurring with gas-liquid reactions (see Fig. 1-1).

Stoichiometry physical properties ——————

economics reactor design

mass transfer rate

k. a
morphology specific s%rfoco areo ‘mass tronsfker coefficient heat transfer
= L ki
qgas h(;ld—up bubb‘I)e size r}r:\:gxg
turbuience
T £
geometry operoting conditions

Fig. 1-1: Interactions in gas-liquid reactors (Kawase and Moo-Young, 1990)

With the above figure it becomes apparent that the mass transfer between two
given phases can be increased by increasing the turbulence. This demands the dis-
sipation of additional (e.g. mechanical) energy. However, the utilization of the dis-
sipated energy can be very different according to the used reactor type.

1.1 Jet driven gas-liquid reactors

Today, a large selection of contact equipment for mass transfer processes in gas-
liquid systems is available. However, all known reactors can be attributed to three
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basic types (and combinations of these), which are distinguished by the means the
two phases are mixed:

* Mixing due to buoyancy forces (e.g. gas sparged reactors)
* Mixing with stirrers (e.g. stirred tank)

* Mixing with liquid jets

Reactors of the last category stand out for dispersing the gas phase without the use
of any stirrers and a more efficient utilization of the applied power input. These
reactors utilize the kinetic energy of a liquid jet produced by a nozzle in order to
disperse the gas phase.

It has been shown many times that at the same power input jet driven reactors have
more favourable mass transfer characteristics than bubble columns or stirred tank
reactors. See e.g. Nagel et al. (1970), Zlokarnik (1980), van Dierendonck et al.
(1988), Warnecke and Hussmann (1989), Zaidi et al. (1991), Kastanek et al. (1993)
or Evans et al. (2001).

Especially loop reactors with liquid jet driven dispersing units, operated in the
downflow mode, have proven very favourable mass transfer characteristics. Ejec-
tors are often used for the gas dispersion (e.g. Leuteritz, 1976; Dutta and Ragha-
van, 1987; Dirix and van der Wiele, 1990; Cramers et al., 1992a,b,1993) but it
should be mentioned that also many other jet driven configurations are applied
(e.g. Wachsmann et al., 1984; Langhans et al., 1977; Evans et al., 1992; Zaidi et
al., 1991; Bin, 1993). With ejectors the liquid jet is utilized to suck in and disperse
the gas phase, i1.e. no injection of the gas phase is needed (see also Fig. 1-3).

The most widely known ejector loop reactor has been commercialized by Buss
AG! in Switzerland and is commonly known as the Buss Loop Reactor (BLR). It
is an ejector driven loop reactor with external circulation and heat exchanger and
it stands out for its high mass transfer rates and its easily adjustable heat exchanger
surface. A description of the BLR can be found in Ullmann’s Encyclopedia of
Industrial Chemistry (Elvers, 1992) for example.

The superiority of the BLR for industrial applications compared to stirred tank
reactors or bubble columns has been reported e.g. by Leuteritz et al. (1976) for car-
bonylation and chlorination reactions or Greenwood (1986) and Concordia (1990)
for slurry hydrogenations.

1. Today: Kvaerner Process Technology AG, Pratteln, Switzerland
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A very recent development is the so-called Advanced Buss Loop Reactor (ABLR),
which is a further development of the BLR.

1.2 The Advanced Buss Loop Reactor (ABLR)

Two major changes were made to the former design. The common ’for liquids
only’ circulating pump was replaced by the special two-phase pump and the very
long ejector was exchanged for a much shorter one with no diffusor or draft tube.
Due to the changes made to the dispersion unit it should no longer be called ’ejec-
tor’. Instead, the term ’reaction mixer’ will be used in connection with the
Advanced Buss Loop Reactor.

The basic configuration of the Advanced Buss Loop Reactor (ABLR) is shown in
Fig. 1-2. The reactor is composed of 3 main parts: The reaction vessel [2], the
reaction mixer [1] and the recirculation pipe containing the special multi-phase
circulating pump [4] and the external heat exchanger [3].

\

o8

1 reaction mixer

N
2 ti |
“1__‘I—L L reaction vesse
3 heat exchanger
4 circulating pump
5 gas supply
—~

6 gas recycle

T

Fig. 1-2: Operating principle of the Advanced Buss Loop Reactor

N\
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The operating principle of the ABLR is as follows: The liquid phase is delivered
by the circulating pump through the external heat exchanger and the reaction
mixer back into the reaction vessel. The continuous circulation of the reaction
solution causes the entrainment of the gas component and its intensive mixing
with the liquid phase by the reaction mixer (see also Fig. 1-3). Gas which has not
completely reacted disengages from the reaction solution and returns to the head
space of the reaction vessel, where it is re-entrained by the reaction mixer.

Since the circulating pump is able to handle gas holdups up to 50%, the in loop
reactors usually needed disengagement of the two phases at the bottom of the auto-
clave is not necessary. Thus, the effective contact volume is optimally enlarged to
the complete reactor volume.

An illustration of the gas entrainment and dispersion mechanisms is shown in
Fig. 1-3 in more detail.

Liquid _I l Free jet Bubble flow

Lo

Pressurse

Fig. 1-3: Operating principle of the reaction mixer (Cramers et al., 1993)

The high velocity jet, discharging from the nozzle, entrains a considerable amount
of gas into the mixing tube due to the jet envelope mechanism. The gas entrainment
can be further enhanced by installing a swirl device upflow of the nozzle which
accelerates the break-up of the liquid jet due to the tangential velocity component
imposed on the liquid jet (Henzler, 1981; Cramers et al., 1993). Further down the
mixing tube gas and liquid are intensively mixed in the mixing shock zone due to
the local energy dissipation of the liquid jet. This process is accompanied by a sud-
den pressure build-up in the mixing tube (Witte, 1969). Since very high energy dis-
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sipation rates are present in this section, very small bubbles are generated. From
the mixing tube the gas-liquid dispersion charges into the reaction vessel where it
additionally causes secondary gas dispersion and mixing with the reaction solution.

This mode of dispersion formation provides high intensity interfacial contact and,

for that reason, high mass transfer rates.

The design of the Advanced Buss Loop Reactor leads to the following advantages
(some of these apply also for other jet driven gas-liquid reactors):

Utilization of the entire reactor volume for the gas-liquid contacting due to the
special circulating pump.

Easy scale up of reaction mixer and heat exchanger surface (van Dierendonck
et al., 1988, 1998).

High mass transfer rates which lead to smaller operating volumes and lower
reaction pressures for a defined mass transfer rate.

The actual gas dispersion is achieved without any moving parts.

Efficient primary dispersion of the gas phase. This is particularly advantageous
for non coalescing systems in which fine primary bubbles are preserved
throughout the whole reactor vessel (Kastanek et al., 1993).

The only moving part in the reactor is the circulation pump. Deflections of the
pump shaft are less than the deflections in an agitator shaft, and as shaft move-
ments are damaging to the seals, the production time lost for seal changes are
much lower than with stirred tank reactors (Greenwood, 1986).

The high degree of macroscale turbulence in the reactor vessel provides favor-
able conditions for catalyst suspension with slurry reactions.

Gas recirculation ensures complete gas utilization.

Since the gas phase is sucked in and dispersed by the liquid jet, no extra com-
pression device is required.
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1.3 State of the current knowledge

1.3.1 Mass transfer characteristics of the ABLR

At the beginning of this work the only data available regarding the mass transfer
characteristics of the ABLR were some results obtained with pilot tests. In these
tests it was proven that the ABLR featured higher mass transfer rates than the BLR
and, therefore, most other commonly used gas-liquid reactors (Baier, 1997).
Some examples of the pilot tests are given in Table 1-1 and Table 1-2. With the
cobalt catalyzed sulfite oxidation the ABLR required only half the BLR’s power
input to attain the same oxygen transfer rate. With a slurry hydrogenation of an
aldehyde compound the reaction rate could be increased by adding more catalyst,
i.e. the reaction was kinetically controlled. This was not possible with the BLR
which indicates complete rate limitation by the gas-liquid mass transfer.

BLR ABLR
Oxygen transfer rate (kg hr'! m™) 10-12 10-12
Power input (kW m™) 5.0-6.0 2.5-3.0

Table 1-1: Cobalt catalyzed sulfite oxidation (at 1 atm and 30°C)

Catalystload
(Wt-%) BLR ABLR
5 24.6 27.6
Hydrogen transfer rate 7 255 324
(Nm? hr'l m3)
9 24.6 36.6
Power input (kW m™) 4.5-5.0 3.0-3.5

Table 1-2: Hydrogenation of an aldehyde compound (at 6 bar and 130°C)

With these results it is evident that the combination of the modified reaction mixer
configuration and the special circulating pump resulted in mass transfer character-
istics which are an improvement and apparently different compared to common
downflow ejector loop reactors.

However, despite the observed differences regarding the mass transfer, still many
processes taking place in the reaction mixer are comparable to the ones in common
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ejectors. For the better understanding of these processes the knowledge regarding
ejector-type loop reactors shall be reviewed. Also the influence of the gas and lig-
uid properties on the mass transfer characterstics will be considered briefly.

1.3.2 Mass transfer characteristics of ejector-type loop reactors

Nagel et al. (1970a, 1973) were the first who proposed the application of liquid jet
driven two-phase nozzles for the gas dispersion at the bottom of gas-liquid tower
contactors. The primary dispersion took place in a draught tube directly installed
above the two-phase nozzle. The measured interfacial area a was much higher than
with a stand-alone two-phase nozzle. They related the measured values of a and
k; a to the volumetric energy input and carried out comparisons regarding the per-
formance of other reactor types.

Later more general studies were carried out devoted to the description of the mech-
anism of the dispersion formation in reactors with ejector distributors or the opti-
mization of the ejector configurations. Jekat and Pilhofer (1975) investigated the
gas entrainment rates in an upflow loop reactor with different ejector geometries.
Zlokarnik (1979) introduced the so-called slot injector for the gas dispersion. On
the basis of literature data, theoretical models and own experiments Henzler (1981)
presented the ’concept of a favourable ejector’. However, it should be noted that
this concept was derived on the basis of purely energetic criteria with the goal to
maximize the gas entrainment rate. The resulting mass transfer characteristics were
not investigated or considered for the optimization.

Dutta and Raghavan (1987) investigated the mass transfer characteristics of a loop
reactor with downflow ejectors fitted with straight- and venturi-type throats. They
reported that the average primary bubble size was smaller with a venturi-type
throat but carried out no exact bubble size distribution measurements. With the air-
water system the straight throat was found to be much better regarding the disper-
sion of the entrained gas in the entire reaction vessel (secondary dispersion). Also
with the straight throat the bubble size in the vessel was much more uniform and
the gas holdup was higher, i.e. the power input was utilized more effectively. How-
ever, with coalescence hindered solutions the venturi-type ejector had the higher
ky a values, probably due to smaller primary bubbles.

Dirix and van der Wiele (1990) and later Cramers et al. (1992a,b, 1993) studied
loop-venturi reactors with downflow liquid jet ejectors and found that the ejector
and reaction vessel should be treated as two reactors in series. Dirix and van der
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Wiele (1990) reported that with the water/air system, depending on the operating
conditions, a good part of the mass transfer took place inside the ejector. They also
recommend a pressure difference across the liquid jet nozzle of at least 2 bar for
proper operation of the ejector.

Cramers et al. (1992b) carried out extensive investigations with a Henzler-type
ejector. According to them the reaction vessel behaves like a bubble column where
the ejector is used as a special gas distributor. For coalescence hindered systems
they report specific surface areas between 40 000 to 70 000 m’! in the ejector and
500 to 2500 m! in the entire reactor. The maximum values of ki a measured in the
ejector were around 6 s'!. These findings were later confirmed by Havelka (2000)
who obtained with another ejector configuration ky a values of 7.5 s'! inside the
ejector. Cramers et al. (1993) even treated the mixing shock zone and the diffusor
separately and found marked differences regarding their mass transfer characteris-
tics. Most of the design correlations given by these authors are valid for the ejector
zone only and not the entire reactor system.

A special variant of an ejector type reactor has been described by Evans et al.
(1992), Evans and Jameson (1995) and Evans et al. (2001). Their so-called ’con-
fined plunging liquid jet bubble column’ is basically a downflow ejector reactor
reduced to its jet nozzle and mixing tube. Like Cramers et al. (1993) they identified
two different zones in the bubble column (aka mixing tube), the mixing zone (aka
mixing shock zone) and the pipe flow zone (aka bubble flow zone). With a labora-
tory scale setup ky a reached 2.5 s'lin the mixing zone and was an order of magni-
tude lower in the pipe flow zone. In tap water the bubbles in the mixing zone had
a diameter of approximately 200 wm, the ones in the pipe flow zone ranged
between 2-4 mm. However, the applicability of this reactor concept at larger indus-
trial scale has still to be proven.

Different ejector configurations for upflow operation were extensively studied by
Zahradnik et al. (1985), Kastanek et al. (1993), Havelka et al. (1997) and Zahradnik
et al. (1997). One of their results was the definition of design recommendations for
efficient operation of ejectors. Under efficiency the authors understood the optimi-
zation of the gas entrainment and the resulting gas holdup. Often they did not take
any mass transfer rates into consideration for the optimization. Only very recently
these authors (Havelka et al., 2000) carried out some mass transfer measurements
with the proposed ejector configurations and found that the most *efficient’ ejector
configuration was not the one that gave the highest k; a values, i.e. entrainment
efficiency may not necessarily go hand in hand with mass transfer efficiency.



-10 -

As already mentioned, swirl devices installed upflow of the jet nozzle can be used
in order to enhance the jet breakup and the gas entrainment (Henzler, 1981). How-
ever, it is not entirely clear how the jet swirl affects the volumetric mass transfer
coefficient kj a of the entire reactor system. According to Cramers et al. (1993) the
local kj a value inside ejectors decreases when a swirl device is used, but it is not
said how the overall k; a of the entire reactor is affected. Havelka et al. (1997)
tested many different swirl devices with an upflow ejector. The measured gas
entrainment rate and the resulting gas holdup were higher with a swirl device than
without one. They also observed that, if the induced swirl was too small, no
enhancement occurred and, if it was to high, the gas entrainment decreased again.
Later the same authors (Havelka et al., 2000) measured the mass transfer rate in
the same reactor and found a decrease of kja, if a swirl was installed. In their
modelling however, they state that k; a is only a function of the gas holdup, which
1s contradictory to their previous paper.

The scale-up procedure is regarded as very simple with ejector loop reactors. The
gas-liquid stream from the ejector into the reactor ensures according to Zahradnik
et al. (1997) very good radial and axial distribution of the gas bubbles, i.e. homo-
geneous conditions. Therefore, the scale-up of these reactors is based on a con-
stant value of the specific energy dissipation rate in the reaction solution (van
Dierendonck et al., 1988 and 1998). Geometric quantities like the ratio of the noz-
zle and mixing tube diameters and the ratio of the mixing tube length and mixing
tube diameter are kept constant during scale-up.

1.3.3 Influence of the liquid properties on the mass transfer
characteristics in jet loop reactors

A general question in the whole field of gas-liquid reactors concerns the prediction
of the effect of the liquid phase physical properties on the mass transfer character-
istics. Most industrial processes are characterized by undefined components in the
reaction solution which can strongly influence the hydrodynamic characteristics.

It is well known that the coalescence of small gas bubbles to larger bubbles can be
decisively influenced in solutions of various inorganic salts or organic liquids
such as lower fatty alcohols (e.g. Zahradnik et al., 1999). Bubble coalescence
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takes place when the liquid film between two bubbles is drained. In pure water
this process is very fast but in the presence of electrolytes it is slowed down sig-
nificantly. The explanation of this effect can be formulated as follows: ’lonic
forces between the ionic species of the film (between the bubbles) and water mol-
ecules make the film more cohesive. This increases the strength of the film against
bubble coalescence, decreases the bubble size and increases the gas holdup. The
overall result of these effects is a higher specific surface area compared to pure
water’ (Zarraa, 1999).

For coalescence hindered salt solutions Zlokarnik (1979a,b) showed that the for-
mation of small primary bubbles is decisive to enhance the mass transfer in these
media. Since the primary bubble size depends on the applied gas dispersing device,
the relative enhancement of the mass transfer rate due to coalescence hindrance
compared to coalescing conditions can be very different for different reactor types,
i.e. the definition of a general k; a enhancement factor due to coalescence hin-
drance is not possible.

The application of ejector driven loop reactors is particularly advantageous with
coalescence hindered liquids since the fine primary gas dispersion is preserved
throughout the entire reactor. Havelka (1997) reported k; a values up to 1.5 s1in
the reaction vessel with a 0.3 M Na,SOy-solution. This is in agreement with Nardin
(1995) who reported values up to 1.2 57! for non-coalescing systems (compared to
0.05-0.25 57! in bubble columns and 0.15-0.5 s™! in stirred tank reactors).

Regarding the influence of the liquid viscosity there exits a common consensus
that an increase of the viscosity results in a decrease of the mass transfer perfor-
mance. However, the exact effects have still to be determined through experi-
ments.

1.3.4 Influence of the system pressure and the gas type on the mass
transfer characteristics in jet loop reactors

Most industrial gas-liquid reactors are operated at elevated pressures (up to 100
bar). Also various gas types are applied industrially, i.e the gas physical properties
vary within a rather broad range. Therefore, an eventual influence of the system
pressure and the gas type has to be taken into account for the correct design of gas-
liquid contactors. Despite this fact, most of the available data in the literature
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regarding the mass transfer characteristics of gas-liquid reactors is valid for ambi-
ent pressure only. A decade ago Oyevaar and Westerterp (1989) observed that only
some twenty papers had been published which deal with or touch upon the influ-
ence of the operating pressure in gas-liquid systems!

The studies published so far all show significant pressure effects on the mass
transfer characteristics and data obtained at ambient pressure only have to be
regarded as insufficient for the design and scale-up for gas-liquid reactors oper-
ated at high pressures.

Most of these investigations have been carried out with bubble columns. Wilkinson
(1991) and Wilkinson and Haringa (1994) report that the bubble breakup rate
(especially of large bubbles) is enhanced by an increase of the gas density due to a
promotion of Kelvin-Helmholtz instabilities on the bubble surface. This causes a
decrease of the mean bubble diameter and a more narrow size distributions at ele-
vated pressures. Their experiments show that both pressure and molecular weight
of the gas phase contribute to the influence of the gas density. An increase of kj a
and also the gas holdup with increasing gas density was found. The same observa-
tions were made later e.g. by Kojima (1994) and Letzel et al. (1998).

Luo et al. (1999) also observed a decrease of the bubble size in bubble columns at
elevated pressures. They proposed an internal circulation model to quantify the
observed pressure effects on the maximum bubble size.

The data regarding the influence of the gas properties with ejector loop reactors is
very scarce. Henzler (1981) carried out experiments at atmospheric pressure using
gases of different molecular weights (air, helium, air-helium mixtures) and con-
cluded that the gas entrainment by the ejector increased with the gas density at
constant liquid jet velocities. This was confirmed by Cramers et al. (1992a) who
investigated an atmospheric reactor with a downflow liquid jet ejector. The stud-
ied densities ranged between 0.18 and 6.18 kg/m3. An increased gas density
resulted in an increase of the gas entrainment rate. According to them the gas den-
sity influences the jet envelope development. They also observed a decrease of the
mean bubble diameter in the reaction vessel with increasing gas densities which
agrees with the findings of Wilkinson (1991). However, the influence of the sys-
tem pressure on k; a was not investigated.
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From this review it can be concluded that the gas properties will have an influence

on the mass transfer characteristics of ejector loop reactors. However, no experi-

mental data regarding k;j a has been reported yet for jet driven loop reactors".

1

1.4 Motivation and goals

In pilot tests the Advanced Buss Loop Reactor has shown very favourable qualities.

However, no systematic data regarding its mass transfer characteristics is available.

Keeping the above review in mind, several questions arise: Is the current reactor

configuration the optimum or can it be further improved? How is the mass transfer

influenced by a swirl imposed on the liquid jet or by a change of the reaction mixer
geometry? How do the liquid properties affect the performance of the reactor?
What is the influence of the gas properties on the mass transfer characteristics?

The need to deepen the basic knowledge of the mass transfer characteristics of the
ABLR is obvious and leads to the definition of the objectives of this work:

[ ]

Determination of the relevant mass transfer characteristics, i.e. the volumetric
mass transfer coefficient kj a, the gas holdup €5 and the bubble size distribu-
tion, in dependence of as well different reaction mixer geometries as different
operational conditions like the power input, the system pressure and the prop-
erties of the gas and the liquid phase.

Identification of the influence of the varied parameters on the mass transfer
characteristics and the proposition of the corresponding design correlations.

For this purpose a pilot scale ABLR needs to be designed and constructed
which allows as well the variation of the influencing parameters as the deter-
mination of relevant mass transfer characteristics. This also implies the evalua-
tion and development of suited measuring techniques for the determination of
the volumetric mass transfer coefficient k; a, the gas holdup € and the local
bubble size distribution.

1. Near the end of this work Cramers and Beenackers (2001) reported that an increase of

the gas density results in an increase of k; a inside a downflow ejector (kja ~ pGO'z).
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1.5 Structure of the thesis

In Chapter 2 the theoretical basics of absorption processes will be shortly
described. Also some design correlations for the calculation of the mass transfer
characteristics in jet loop reactors will be introduced.

Chapter 3 deals with the description of the applied measuring techniques. Special
emphasis is laid on the selection process of the proper techniques.

A detailed description of the experimental setup for measurements at as well ambi-
ent as elevated pressures will be given in Chapter 4. Here the properties of the used
model media can also be found.

In Chapter 5 all the results can be found which were obtained with the air/water
system at ambient pressure. First the experimental data regarding the influence of
the power input and the liquid batch size will be discussed. In the second part the
effect of the reaction mixer configuration on the mass transfer characteristics will
be described. Also a design correlation for the quantitative description of the exper-
imental data will be derived. The chapter will be finished by a summary of the
made conclusions.

In Chapter 6 the influence of certain liquid properties on the mass transfer will be
presented. First the effect of added electrolytes on the mass transfer characteristics
will be discussed. As with the air/water system the performance of different reac-
tion mixer geometries will be compared. Also a brief insight on the influence of the
liquid viscosity will be given. In the last section a summary of all conclusions will
be given.

Chapter 7 deals with the influence of the system pressure and the gas type. First the
experimental data obtained with the in Chapter 4 described experimental setup will
be presented and discussed. The second part describes additional measurements
that were carried out with a large scale pilot plant1 which could be operated at pres-
sures up to 80 bar. Finally the made conclusions will be summarized.

1. The pilot plant was located at the testing facilities of Kvaerner Process Technology
(SWITZERLAND) AG, Pratteln, Switzerland
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2  Theory

2.1 Mass transfer

The general material balance for the mass transfer of a component A with chemical
reaction is given by the following equation (valid for isothermal conditions, con-
stant density and constant diffusion coefficient Dp):

dcy s 2

W=u-VcA+DAV Cpt+Ty (2-1)
There exist three basic models for the description of the processes taking place at
the phase interface: the steady-state two-film theory, the penetration theory by Hig-
bie and the surface renewal theory by Danckwerts (see e.g. Charpentier 1981). The
later two are unsteady-state theories and are, from a physical point of view, more
correct than the film theory. However, all these models lead to the same prediction
concerning the effect of the driving force c4 ;-4 in the liquid phase on the average
mass transfer rate. Therefore, due to simplicity, only the film theory will be used
for illustration purposes.

2.1.1 Physical absorption

The process of the physical absorption of a gas phase component A into a liquid
phase on the basis of the two-film theory is illustrated in Fig. 2-1. With the two-
film theory it is assumed that on either side of the phase interface a stagnant film
is formed where mass transfer takes place only by stationary diffusion. Right at the
interface equilibrium exists between the two phases and Henry’s law is valid
(pa i = Hacp p)- Outside the films the phases are considered as well mixed.
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Fig. 2-1: Concentration profile for the absorption process (two-film theory)

With the application of the two-film theory Eq. 2-1 can be strongly simplified: The
scalar product of the velocity vector U and concentration gradient Vc, can be
neglected near the phase interface since the vectors are perpendicular to each other.
The absorption is a stationary problem and (dc,/dt)= 0 is valid. If the extension
and the radius of curvature of the interface are large compared to the thickness of
the stagnant layer 8, a one-dimensional description is sufficient. The chemical
reaction rate r can be set to zero.

For the stationary physical absorption through a stagnant film layer of the thick-
ness O Eq. 2-1 can be rewritten:

820A
0=D,—2 0<x<8 (2-2)
0x

The determination of the mass transfer rate is based upon the concept of the addi-

tivity of the gas phase resistance and the liquid phase resistance. With the help of
Eq. 2-2 and Fick’s law

dc
ia = Da(52), (2-3)

the molar absorption flux of the component A by the liquid phase can be calculated.
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. 1dN, 1 Pa
Ia = "ATd ‘( T, 1)(}"17\—01*0) -

Hok, o Kap

A s the interfacial area, k g and k 1 are the gas respectively the liquid sided mass
transfer coefficients!. For gases of low solubility the gas sided mass transfer resis-
tance can usually be neglected, i.e. the partial pressure of component A at the gas-
liquid interface is equal to the one in the gas bulk (pa = py ;). With the introduction
of the specific surface area a which is defined by

i A (2-5)

Eq. 2-4 becomes

The absorption rate ® is characterized by the volumetric mass transfer coefficient,
kj a, and by the driving concentration difference.

It is seldom possible to separately measure the liquid sided mass transfer coeffi-
cient k; and the specific surface area a. Therefore, the direct measurement of the
product kj a is very established.

2.1.2 Mass transfer with chemical reaction

Now the absorbed gas component A undergoes a reaction with a reactant B dis-
solved in the liquid phase. The stoichiometry of the reaction is represented by

A(G) + vgB(L) — Products 2-7)

with the kinetic rate equation

Iy = —Kp 1CaCh (2-8)

DA, G
RT3,

. . D
1. With the two-film theory: k, | = %‘ and k, g =
L
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If the reaction rate is fast compared to the mass transfer rate, an enhancement of
the absorption rate occurs. This is caused by an increase of the concentration gra-
dient dc,/dx in the liquid film due to an extra decrease of A by reaction.

Generally, the mass transfer rate of a gas component A into a liquid followed by a
homogeneous reaction can be described by extending Eq. 2-6.
D ith reaction = EKLa(Ca ;= Ca0) (2-9)

E is the so-called enhancement factor, representing the extent to which the rate of
absorption is increased by the chemical reaction.

_ ( & with reaction

= f Z, Al 2-10
® without reaction) (Ha, Z, Al) ( )

The enhancement factor is, depending on the reaction kinetics, a more or less com-
plicated function of the Hatta number Ha, the ratio of the diffusion currents Z and
the Hinterland ratio Al.

Ha= ’ (2-11)
Ka L
Drc
7= __B"BO (2-12)
Al= L L _ liquid volume (2-13)

aD, - 5, A film volume

The description of the absorption of a gas component followed by a single first
order irreversible reaction is straightforward. For all common mass transfer models
(film, penetration and surface renewal) this process can be analytically solved. For
other processes however, only for a limited number of special cases analytical solu-
tions are possible and numerical techniques or approximations have to be applied.

The model system used in this work for the determination of kja (see also
Chapter 3) was an absorption process followed by a slow to moderate chemical
reaction, i.e. 0 < cqq < ¢4 ;. Since the gas phase is dispersed in a liquid phase the
Hinterland ratio is > 100, i.e. most of the conversion takes place in the bulk of the
liquid phase and the drop in concentration of A over the boundary region is
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mainly due to a diffusional resistance. In that case the absorption is not chemically
enhanced (E=1).

Due to this fact, the theory of absorption with chemical reaction will not be dis-
cussed in more detail. Additional information on this subject can be found else-
where, e.g. in van Landeghem (1980), Charpentier (1981), Deckwer (1985) or van
Swaaij and Versteeg (1992). Very recently an advanced model was also proposed
by Schliiter and Schulzke (1999). Their hybrid model takes into consideration
simultaneously as well physical as chemically enhanced absorption.

2.1.3 Further definitions

The bubble sizes in gas-liquid dispersions are never uniform but distributed. How-
ever, for practical calculations it is useful to define a single mean bubble diameter
for the characterization of a bubble size distribution. For mass transfer processes
the so-called Sauter diameter ds, is relevant. It represents the mean bubble size

which has the specific surface area of the entire bubble population.
k 3
Zi 4

2

2?: 1 mid;

d; is the diameter of a single bubble and n; is the number of bubbles of diameter d;.

dj, (2-14)

The volumetric fraction of the gas phase dispersed in a liquid phase is called the
gas holdup and is defined as follows:

Vg

EGEW (2-15)

Vg and Vy are the volumes of the phases in the dispersion.

In Eq. 2-16 it is shown how the gas holdup €, the specific surface area a and the
Sauter mean bubble diameter ds, are connected:

68G

- 2-16
dyy - (1-¢g) ( )

a
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If as well a (or €g and dj;) as ky a are known, the usually not measurable liquid
sided mass transfer coefficient k; can be calculated.

kLa kLa

kL =— = 6€g/ (dsy - (1-65)) @17)

2.2 Jet loop reactor specific theory

2.2.1 Calculation of the power input

For jet driven reactors the power input is calculated from the conversed pressure
energy in the jet nozzle. It has to be pointed out that with the ABLR there is also
some gas dispersed in the recycle pipe. Therefore, the mean density of the disper-
sion instead of the pure liquid phase has to be used. With the homogeneous model
approachl the mechanical energy balance of the two phase flow through the nozzle
can be written as

Apy = C;-ux - (2-18)

NI

Apy is the dynamic pressure difference across the jet nozzle, C; the discharge coef-
ficient, up the jet velocity at the nozzle outlet and p the density of the dispersion.
The total flow rate through the nozzle Q. is given by

dy

Quot = Un"T" (2-19)

The power input P into the reaction vessel can be calculated by the combination of
Eq. 2-18 and Eq. 2-19. At low pressures the mean dispersion density p in the recy-

1. Homogeneous model assumption for the ABLR
As well in the vertical as in the horizontal parts of the liquid recycle pipe the two phase
flow could be assigned to the bubble flow regime (see the flow regime map in e.g.
Ewing, 1999). This was confirmed by visual observations. Furthermore, the bubbles
were re-dispersed by the circulating pump and remained small. Thus, the slip between
the two phases was negligible. Therefore, the dispersion in the liquid recycle pipe was
approximated by the homogeneous flow model with no slip.
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cle pipe can usually be approximated by (1-€g)-py, with € being the gas holdup in
the recirculation pipe.

3
2-A
* T 2 PN T 2 3
P Qtot Pn 4dN \/Cf'(l_sR)'pL fgpL NuN( 8R)
(2-20)

In order to compare the performance of different reactor types or sizes not the abso-
lute but the specific power input is used.

P
S VL

e (2-21)
It should be noted that some authors relate the power input to the dispersion volume
and not to the liquid volume. However, this is not very practicable because now e,
would be also a function of the gas holdup and could not be varied independently.

2.2.2 Description of the jet swirl

A swirl body inserted into the jet nozzle transforms a part of the axial momentum
of the liquid phase into an angular momentum. The extent of the liquid jet rotation
can be generally characterized by a dimensionless swirl number, Sw, which is
defined as the ratio of the angular and the axial momentum flows (see e.g.
Duquenne et al., 1993).

ZHIRp v(r) w(r) r2dr
0

Sw = (2-22)

i R|:2nf§p v2(r) rdr + ZRJ’:p(r) rdr}

Where v(r) and w(r) denote the axial and angular component of the flow velocity,
p(r) the radial pressure profile in the jet and R the radius of the swirl device. The
second term in the denominator is usually neglected due to the infeasibility of
determining the radial pressure profiles. The exact velocity profiles can be deter-
mined e.g. by laser-Doppler velocimetry.

Recently Havelka et al. (1997) have proposed a simplified and much more practical
method to calculate the swirl number of a swirl device. Their so-called swirl body
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number, Swy, is solely a function of the swirl device geometry and describes the
capability of a swirl device to induce a rotating motion on a liquid jet. For twisted
sheet metals, as they were used in this work, the swirl body number can be obtained
with the following formula:

(2-23)

The definition of o is shown in Fig. 2-2. The parameter h denotes the lead of the
swirl device helix.

]
h
h
D Fra—

Fig. 2-2: Geometrical parameters of the swirl body

Since the swirl devices used in this work were conical (see also Chapter 3) the aver-
age swirl diameters were (arbitrarily) employed for the calculation of Swy,.
Havelka et al. (1997) tested their simplified approach by comparing the gas
entrainment rates of different swirl device geometries. At equal swirl body num-
bers similar gas entrainment rates were measured. (Still, it should be pointed out
that the predicted swirl number of a swirl device and the respective swirl number
of a fluid evaluated from data measured in the fluid leaving the swirl device may
differ significantly.)

2.3 Prediction of the mass transfer characteristics

Due to the very complex transport phenomena taking place in gas-liquid contactors
and the large number of parameters influencing these processes it is generally not
possible to calculate the mass transfer characteristics in advance. For a short time
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now it has been possible to predict the hydrodynamics in gas-liquid-reactors of
simple geometries (e.g. bubble columns) with the help of very extensive computer
models (e.g. Pfleger et al., 1999). However, with most gas-liquid-reactors the vol-
umetric mass transfer coefficient and its dependence on the system parameters
have still to be determined experimentally. This is especially the case with new
reactor designs since there is no or little data available in literature.

A selection of the most important parameters influencing the mass transfer in gas-
liquid reactors is given in Table 2-1.

Physical and chemical properties | Operating parameters | Reactor design

* kinetics of the chemical reaction |* mechanical energy |* construction of

* viscosities of the two phases input the disperser
* densities of the two phases * liquid flow rate e geometric

* surface tension e gas flow rate dimensions
» diffusion coefficients * system pressure .

¢ coalescence behaviour

Table 2-1: Parameters influencing the mass transfer characteristics of gas-liquid reactors

The influence of the listed parameters on the mass transfer characteristics can be
quantified by many different modelling approaches, ranging from simple case-
dependent ad hoc models to complete modelling of the flow pattern (computational
fluid dynamics). In the literature empirical correlations prevail by far. Some exem-
plary collections of empirical models, valid for different reactor types, can for
instance be found in van Landeghem (1980) or Lee and Tsui (1999).

Many model approaches are based on Kolmogoroff’s theory of isotropic turbu-
lence. A detailed description of this theory can for example be found in Kawase
and Moo-Young (1990).

This theory leads to the conclusion that (at sufficiently high Reynolds numbers) the
hydrodynamics in gas-liquid reactors can be accounted for by a single parameter,
the average energy dissipation rate per unit mass or volume of fluid. The estimation
of the energy dissipation rate is a prerequisite for the application of Kolmogoroff’s
theory. With jet driven reactors it can be readily evaluated from Eq. 2-20 and Eq. 2-
21.
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The theory implies that the diameter of the largest bubble stable against breakup is
given by the following formula (Hinze, 1955):

o\06 _o4
dp max = (—) - €g (2-24)

PL
On the basis of the above equation Kawase and Moo-Young (1990) were able to

derive an expression describing the influence of eg on k; a:

kjaseg ; K=l (2-25)

The theory of isotropic turbulence provides a useful guide for the understanding
of the complex processes involved with gas-liquid reactors and for the compari-
son of the performance of different reactor types. However, it is (at present) not
able to provide a complete description of the phenomena in these reactors. There-
fore, the exact influence of the specific power input on the mass transfer can only
be determined by regression analysis of the experimental data. Generally, it is also
necessary to introduce additional influencing parameters next to eq in order to
obtain a useful model.

An extract of correlations describing the mass transfer characteristics of different
ejector gas-liquid reactors is listed in Table 2-2.

Reference Correlation System

Dutta and Ragha- < loop reactor with dif-

van (1987) k; ac< (eg) ; 0.7<x<0.8 ferent ejectors; coa-
lescence hindered

van Dierendonck 0.9 downflow ejector +

et al. (1988) kja=03-(eq)" reaction vessel; coa-
lescence hindered

Kastanek et al. upflow ejector +

(1993) kLa = 0.04 . (es)0'54 reaction vessel; air/
water

Cramers and

Beenackers (2001) | k; a o< (eS)O'6SEG(

1+02eq5\12 downflow ejector;
) air/water

1+eG

Table 2-2: Mass transfer correlations of ejector loop reactors
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3  Measuring techniques

3.1 Measurement of k; a

3.1.1 Introduction

Generally all the existing measuring techniques for the volumetric mass transfer
coefficient ky a can be divided either by their mode of operation into steady-state
and dynamic (non-steady-state) techniques or by the chemical composition of the
system into physical and chemical techniques.

To attain steady-state operation the absorbed gas component has to be constantly
removed from the liquid phase. When doing this it is important to ensure that the
gas removal is fast enough in order to maintain a significant concentration differ-
ence of the absorbing agent between the gas and the liquid phase. The removal of
the absorbed gas component can be achieved by physical desorption or with the
help of a chemical reaction.

The main advantages of the steady-state techniques are a higher accuracy and an
easier interpretation of the measurements compared to the dynamic techniques.
However, dynamic techniques generally demand less experimental equipment.
Physical techniques have the advantage that the properties of the liquid phase can
be freely varied and are not subject to any limitations. This is generally not the case
with chemical techniques where the properties of the liquid phase are set. Table 3-
1 shows how the discussed techniques fit into the above described main categories.
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Steady-state Dynamic

Steady-state physical absorption | Dynamic absorption technique

Physical Pressure gauge technique

Hydrazine feeding technique
Chemical Catalyzed sulfite oxidation
Uncatalyzed sulfite oxidation

Table 3-1: Measuring techniques for k; a

In Section 3.1.2 the existing techniques for the measurement of kja will be
reviewed and discussed. In Section 3.1.3 it is explained how the most suited tech-
nique for measurements at ambient pressure was selected. A detailed description
of the modifications that where needed in order to apply the selected technique
successfully to the ABLR is given in Section 3.1.4. In Section 3.1.5 the selection
and modification of the technique for the k; a measurements at elevated pressures
is discussed.

3.1.2 Review of existing techniques for the measurement of kj a

3.1.2.1 Dynamic physical absorption

The dissolved concentration of the gas component in the liquid phase is measured
as a function of time after a step change (see e.g. Akita and Yoshida, 1973;
Garcfa-Ochoa and Gomez, 1998).

Normally the systems air/water or oxygen/water are used since the dissolved oxy-
gen concentration can be easily measured with polarographic oxygen probes. First
the liquid is stripped of all oxygen by using nitrogen. Then the initially oxygen-free
liquid is reaerated in a batch experiment until oxygen saturation is achieved.

The absorption process is described using the following differential equation:

T = k2 (G- co®) (3-1)

The equation is only valid if these assumptions are met:

» The liquid phase is well mixed (Lara Marquez, 1994a)
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Constant mean concentration of the absorbing component in the gas phase

(Negligible gas sided mass transfer resistance)

This technique is by far the most used because it has several advantages:

The expenses for technical equipment and installation into existing experimen-
tal setups are very low.

The expenditure regarding the measuring time, the data analysis and the chem-
icals needed is relatively small.

It is sufficient to monitor the relative changes of the dissolved oxygen concen-
trations, i.e. the absolute values do not have to be known. This is very conve-
nient when there is no solubility data available for the used oxygen-liquid
system.

But there also exist some major limitations resp. disadvantages:

With dynamic concentration changes all polarographic oxygen probes show a
certain lag time. Even the fastest have a response time constant Tj.pe Of
approximately 2-3 seconds. As long as the condition T,gpe << 1/kga is valid
the response characteristics of the oxygen probe do not affect the measure-
ments and can be neglected. However, if the time constant of the mass transfer
1/ky a has the same magnitude as Ty, the measurements do not correspond to
the actual dissolved oxygen concentration. This results in the calculation of too
low kj a values (e.g. Merchuk et al., 1990).

If the exact value of Ty is known ky a can still be measured correctly. This is
possible since the response of the oxygen probe after a concentration step
change can be described with a first-order approximation (e.g. Merchuk et al.,
1990). By applying a deconvolution algorithm on the measured data the actual
dissolved oxygen concentration can be extracted from the measured one. The
corresponding procedure can for example be found in Osorio and Onken
(1988).

However, with fast absorption processes (T,qpe 2 1/kpa) even this procedure
gives incorrect results because now the measurements represent mainly the
response characteristics of the oxygen probe. Thus the dynamic absorption
technique is limited to the measurement of kj a values below 0.2-0.4 s}, even
if fast response oxygen probes are used.
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Assumptions have to be made regarding the mean oxygen concentration in the
gas phase in order to define C;. This may lead to considerable errors since the
gas oxygen concentration is not constant during the measurement. Especially
in the beginning the decrease of the oxygen concentration is more distinct due
to the higher absorption rate and backmixing of the desorbing nitrogen (Men-
zel et al., 1998). Also the gas phase dilution by desorbing nitrogen is higher in
the beginning. Depending on the model used for the calculation of ¢; different
ky a values are measured. This effect gains importance particularly with high
ky a values (Sick, 1985).

Osorio and Onken (1988) point out that the dynamic absorption technique is
subject to higher systematical errors than steady-state techniques. They argue
that the driving concentration difference is generally estimated to large which
results in the calculation of too low kj a values.

To avoid problems regarding the gas phase mixing Linek et al. (1992) intro-
duced pure oxygen as a step input to the completely degassed liquid batch.
However, the gas holdup was being formed during the experiment, i.e. it was
not in steady state. Therefore this method can only be applied correctly, if the
gas holdup formation is much faster than the mass transfer rate.

According to Weiland et al. (1986) the dynamic absorption technique becomes
less reliable with increasing reactor volumes. He suggests that the mass trans-
fer of industrial scale reactors should better be measured with chemical tech-
niques.

3.1.2.2 Steady-state physical absorption

The gas and the measuring devices used for this technique are the same as with
the dynamic physical absorption. Now a constant liquid stream with a low oxygen

concentration is fed into the reactor. The same amount of liquid is continuously

removed and fed into a desorber where the oxygen is stripped using nitrogen. The

obtained liquid can again be used as feed for the first reactor.
From the oxygen mass balance kja can be calculated (e.g. Gaddis, 1994). It is

assumed that the liquid phase is well mixed.

%
o
|
o

V
k qa = —. mn out (3—2)
L VL C.—¢C
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Vy: reactor volume, V; ": liquid feeding rate, c;, and c,,,: 0Xygen concentrations

in reactor inlet and outlet stream, 51 —-c .. driving concentration difference.

out

Advantages:

* The measurements are not influenced by the response dynamics of the oxygen
probe. According to Gaddis (1999) very high k; a values (>2 s'1) can be mea-
sured accurately with this technique.

* As with the dynamic physical absorption technique the absolute oxygen solu-
bilities do not have to be known.

Disadvantages:

» The experimental setup is very costly since a desorber unit of at least the same
mass transfer performance as the reactor is needed. Therefore this technique is
seldom used with reactors of industrial scale.

In order to minimize the experimental error the two concentration differences
c,. —¢C

and ¢, —c,,, should be of the same size and as large as possible

in~ “out out
(Sick, 1985). ¢;p = 0 and ¢y = 0.5¢; would be ideal. However, this can only be
achieved if the desorbing unit is dimensioned larger than the absorber to be

examined. The costs would further increase.

3.1.2.3 Pressure gauge method

This technique was presented for the first time by Zlokarnik (1978). In fact this
method corresponds to the dynamic method with the difference that a pressure
step is used instead of a gas change.

The procedure is as follows (see Fig. 3-1): First the liquid phase is saturated with
the pure gas at the starting pressure. Then the liquid mixing is stopped and the pres-
sure is quickly increased (valve [1] open, valve [2] closed). Then valve [1] is closed
and valve [2] is opened. When the reactor is started, parts of the gas are absorbed
by the liquid phase according to the higher system pressure. To keep the pressure
constant, gas losses are compensated from the gas cylinder using a regulating valve
[3]. The pressure drop in the gas cylinder with time is a direct measure of the
absorption rate and Kk a can be calculated with Eq. 3-1.
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Fig. 3-1: Schematical representation of the pressure method according to Zlokarnik (1978)

Compared to the dynamic physical absorption technique the pressure gauge has the
following advantages:

* kjpacan also be measured at elevated pressures.
* Method is not limited to oxygen. Any pure gas can be used.

» The lag time of pressure transmitters can be neglected, i.e. higher mass transfer
rates can be measured.

» Since pure gases are used, no assumptions regarding the gas phase mixing or
the mean gas concentration have to be made.

Drawbacks of the technique are:
* The higher equipment costs since the entire setup has to be pressure proof.

* The gas holdup needs to be formed during the experiment, i.e. it is not in
steady state at the beginning (e.g. Linek et al., 1992).

There also exists a modification of the pressure gauge method where the absorp-
tion rate of oxygen is monitored with an oxygen probe in the liquid phase (e.g.
Linek et al., 1990). The benefit of this method is however questionable since con-
cerning the probe lag time the same problems occur as discussed with the
dynamic physical absorption technique. Linek et al. (1996) recommend that this
technique should only be used with positive pressure changes. Negative pressure
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steps would result in the formation of many small bubbles due to the oversatura-
tion of the oxygen. This would result in an increase of k; a.

3.1.2.4 Hydrazine feeding technique

With this technique hydrazine is fed at a defined rate into the absorber where it
reacts with dissolved oxygen according to the following reaction equation:

2+

M
0,+N,H, — N,+2H,0 (3-3)

At room temperature the reaction only takes place in the presence of a catalyst. It
is assumed (Weiland, 1981) that only the molecular hydrazine takes part in the
reaction. The oxidation is only quantitative in alkaline solutions. In acid media
also ammonia, which is not further oxidized, is formed. A very comprehensive
description of the reaction kinetics can be found in Sick (1985).

The hydrazine feeding rate depends on the intensity of the aeration. It is adjusted
so that the steady-state oxygen concentration is > 0 (absorption with slow chemi-
cal reaction). The dissolved oxygen concentration is measured by a polarographic
oxygen probe.

Under steady-state conditions the absorption rate equals the rate of the chemical
reaction which also equals the hydrazine feeding rate. The system, although called
a chemical technique, is equivalent to that of the steady-state physical absorption
technique, i.e. E=1. The very low concentrated hydrazine only serves as an oxygen
sink without chemically enhancing the absorption rate (Weiland et al., 1986) and
k; a can be calculated from the steady-state oxygen mass balance:

* -
Do, = Vieed " ON,H,, feed = KL.2° VL " (C0,,i=C0,,0) (3-4)

Eq. 3-4 is only valid if the following conditions are fulfilled:

» The liquid phase is regarded as well mixed. Otherwise the interpretation of the
measured oxygen concentration would be difficult!.
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The steady-state concentration of the dissolved oxygen is > 0, i.e. the absorp-
tion rate is not chemically enhanced.

The hydrazine reacts completely with the oxygen and no accumulation takes
place, i.e. °NH, = 0. Warnecke and Hussmann (1989) proved experimentally
that this condition fulfilled.

The hydrazine reacts only according to Eq. 3-3.
(The gas sided mass transfer resistance can be neglected)

The increase of the liquid volume Vp by the hydrazine feed can be neglected.

Advantages:

The concentrations of all added chemicals are quite low and the liquid proper-
ties are not altered by the reaction products. Therefore the liquid phase still
possesses approximately the properties of water. Since the hydrazine oxidation
is not influenced by the addition of any salts (Lara Marques et al., 1994a), the
mass transfer in as well coalescing as coalescence hindered liquids can be
measured. This does not apply for any other chemical technique.

The same reaction solution can be used several times because its chemical and
physical properties do not change with time.

It’s a steady-state measurement, i.e. the oxygen probe response characteristics
can be neglected.

In comparison with most other techniques less assumptions regarding the
model have to be made, i.e. the systematic error is smaller.

Knowledge concerning the reaction kinetics is not needed since the absorption
rate is not enhanced by the chemical reaction.

There exists no limitation regarding the highest measurable k; a value.

Disadvantages:

The absolute oxygen solubility in the liquid phase has to be known. This data
may not be available for some solutions.

Hydrazine is highly toxic.

1. Lara Marquez et al. (1994a) have developed a hydrazine feeding technique for liquids
which are not well mixed. However, their method can only be applied under certain cir-
cumstances and the same problems arise as with the sulfite oxidation technique. There-
fore, this technique won’t be discussed any further.
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* Reports on the correctness of this technique are ambiguous, see e.g. Gaddis
(1999), Linek et al. (1996), Warnecke and Hussmann (1989), Judat (1982).

3.1.2.5 Oxidation of sulfite solutions by air or oxygen

Next to the dynamic physical absorption this is the most used technique for sys-
tematic k; a measurements in gas-liquid reactors. Usually in the presence of a
cobalt or copper catalyst sulfite is oxidized by oxygen to sulfate. Without any cat-
alyst the reaction is very slow.

1 (cat.)

At ambient conditions the reaction is second order with respect to the oxygen, zero
order with respect to the sulfite and first order with respect to the cobalt catalyst.
An in depth description of the reaction kinetics can be found e.g. in the review arti-
cle of Linek and Vacek (1981).

The absorption rate can be measured by two different methods. Either by monitor-
ing of the decrease of the sulfite concentration with time using a iodometric titra-
tion method or by the oxygen mass balance of the gas phase. The second method
is much faster but also less accurate (Steiff and Weinspach, 1982).

There exist several variations of the technique (see also Linek and Vacek, 1981):

« Absorption with instantaneous reaction. In this case the specific surface area a
is measured, e.g. Sedelies et al. (1987).

» Absorption where the reaction is slow in the mass transfer film but sufficiently
fast in the liquid bulk that the dissolved oxygen concentration can be
neglected. Here k; a is measured.

* Sometimes also the uncatalyzed sulfite oxidation is used (e.g. Wilkinson,
1991).

* (E.g. Imai et al. (1987) or Moro et al. (1999) used a sulfite feeding technique
which is practically identical to the hydrazine feeding technique but no
improvement. Very disadvantageous is the influence of the liquid properties by
the reaction products with time.)
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Advantages:

» The technique is independent of the liquid mixing characteristics since the
oxygen concentration is zero in the bulk.

* The method is much used and quite propagated.

Disadvantages:

» The physical properties are heavily influenced by the high salt concentrations.
Therefore, the method can only be applied to coalescence hindered solutions.

* Since the absorption is chemically enhanced an enhancement factor has to be
defined. For its calculation the liquid sided mass transfer coefficient k; , the
diffusion coefficient D of the gas component and especially the chemical reac-
tion rate kg have to be known. Usually these can only be estimated. Therefore
the error potential is very high.

* The maximally measurable k; a value is limited.

* The reaction kinetics are strongly influenced by impurities (Reith, 1968) and
have to be newly measured for every batch. This can be very time consuming.

» The reaction enthalpy is rather high and it may be difficult to keep the reaction
temperature constant.

3.1.2.6 Other chemical techniques

There exist several more chemical techniques but either their applicability or their
reliability is often very limited. For the sake of completeness some examples will
be shortly mentioned.

The reaction of amines or other alkaline solutions with carbon dioxide has been
used for k; a measurements by e.g. Alvarez et al. (1980) or Oyevaar et al. (1990).
The advantage of these reactions is that they are not catalytic and literature data of
the reaction rates may therefore be used with some confidence. However, as well
the gas as the liquid properties are prescribed by the method and the coalescence
of the system is strongly hindered. Also the high solubility of CO, may cause sig-
nificant problems (see e.g. Hofer and Mersmann, 1980).
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Further techniques are e.g. the hydrogen peroxide feeding technique (Nienow,
1996), the reaction of isobuthene with diluted sulfuric acid (Deckwer, 1977) or the
oxydation of glucose catalyzed by glucoseoxidase (Lohse et al., 1980). A more
detailed overview of these and many more model systems can be found for exam-
ple in Sick (1985).
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3.1.3 Selection of the k; a measuring technique for experiments at
ambient pressure

The different measuring techniques were compared to the expected high mass

transfer rates of the ABLR and the preferred experimental conditions. The sum-

mary of the evaluation is shown in Table 3-2. The hydrazine feeding technique

was chosen because it corresponded to the desired qualities best. Especially deci-

sive in the choice was that the maximally measurable k; a is not limited, the liquid

properties are not influenced and the experimental error potential is minimized.

Measuring Dynamic | St.-state Hydrazine | Pressure | Experim.
. . . Sulfite . o8
techniques — physical physical feeding gauge conditions
Maximally measura- d d K a0.1s°]
ble ky a limited? yes no epends no no La>0.1s
Are the liquid proper- o o verv much | approx. no o different
ties influenced? y PProX. media
Experimental error increases small medium- small medium | 2 small as
potential withkpa | (st.-state) high (st.-state) possible
Are any reaction o o es o o preferably
kinetics needed? y no
Absolute gas solubil- o o es o preferably
ity needed? y yes no
Suited for ambient es es es es o 1 bar
pressure? y y y y
Is the method much es no es t yet no desirable
propagated? y Y notye
Experimental sacri- small- large- . as small as
. small . medium small .
fice of time medium | very large possible
Costs low very high | medium medium high as high as
necessary
Media toxicity no no low high no prefleli)ably

Table 3-2: Comparison of the different k; a measuring techniques

As noted in Table 3-2 the hydrazine feeding technique is not very propagated yet.
The reasons may be that it’s rather new (compared to the other techniques) or that

it was so far mainly applied by German researchers. Furthermore, there exists no

agreement in literature regarding the accuracy of this technique.
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As well Warnecke and Hussmann (1989) as Lara Marquez et al. (1994b) found no
differences between measurements with the hydrazine and the dynamic physical
absorption technique. By way of contrast Gaddis (1999) reported that the bubbles
are a little smaller than with a pure physical technique. Also a decrease of the bub-
ble size with time was observed.

Linek et al. (1996) reported that the hydrazine technique gives higher k; a values
than the dynamic physical technique. They make oversaturation effects of the
nitrogen and the spontaneous formation of very small gas bubbles responsible for
this. However, this is very unlikely. Even if these small nitrogen bubbles are
formed they wouldn’t increase the specific surface area for the oxygen absorption
since they contain only nitrogen. On the contrary, these nitrogen bubbles would
rather withdraw oxygen from the solution and therefore decrease the dissolved
oxygen concentration which would result in the calculation of a too low k; a value.
Osorio and Onken (1988) observed the same difference between the two tech-
niques. Unlike Linek et al. (1996) they think that the deviations are based on short-
comings of the model used with the dynamic technique. They substantiate their
theory with the fact that the difference increases with increasing viscosity of the
liquid phase.

Very surprising is the fact that these authors find no differences between the two
methods for ky a > 0.05-0.1 s"1. One would expect the exact contrary because the
dynamic method is subject to considerable errors for kja > 0.1 st (see
Section 3.1.2).

According to Judat (1982) differences between the two methods may also occur if
the applied catalyst concentration is to high.

On the basis of these inconsistent findings it was not possible to pass a final judg-
ment on the accuracy of the method. Therefore, some preliminary experiments
were carried out with the ABLR in order to check the applicability of the hydra-
zine feeding technique.
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3.1.4 Testing of the hydrazine feeding technique

3.1.4.1 Catalyst system

Of great importance for the application of this technique is the selection of a
suited catalyst system.

Zlokarnik (1978) applied this technique for the first time. As catalyst he used a het-
erogeneous CuSO, complex at a concentration of 0.01 mol/l. With NaOH he
adjusted the pH to 11-12. Judat (1982) modified this technique slightly by using a
CuSO, concentration of 1x1073 mol/l.

Extensive studies on the CuSOy catalyst system were carried out by Weiland et al.
(1981). They found that the reaction is actually catalyzed homogeneously by small
amounts of dissolved Cu®*-ions and that heterogeneous mechanisms can be
neglected.

Apparently many problems occur with the CuSOy catalyst system. Weiland et al.
(1981) observed that fresh suspensions lack the full catalytic activity which causes
that not all of the hydrazine reacts according to Eq. 3-3. Also the authors observe
that measured kj a values are not independent of the adjusted dissolved oxygen
concentration, which stands in conflict to Eq. 3-4. This could be explained by the
findings of Sick (1985). Equilibrium of the different copper compounds sets in
very slowly. Therefore several hours of waiting time are needed after a change of
the hydrazine feeding rate. Furthermore Weiland et al. (1986) found that with time
parts of the copper precipitate from the solution which affects the catalytic activity
and leads to incorrect measurements. Additionally the authors criticize the clinging
of particles to the measuring probes as well the high turbidity which prevents the
observation of bubbles and the flow pattern.

To avoid these problems Sick (1985) and Weiland et al. (1986) tried to find a better
suited homogeneous catalyst. They carried out extensive experiments using differ-
ent Co?*- and Cu2+-complexes. The best results were obtained with copper phtha-
locyanine with four sulphonic groups (CuTeSP) at a concentration of 0.1-5x10™*
mol/l and a pH of 12-12.4. (To avoid the need of a pH control all CO, was removed
from the air by leading it through a NaOH gas scrubber.) Later this catalyst was
used by Osorio and Onken (1988) and Warnecke and Hussmann (1989), too. A dis-
advantage of the CuTeSP catalyst is its rather long activation time of 12-24 hours.
Also, at pH > 12 the solution shows first signs of coalescence hindrance.
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Lara Marquez et al. (1994b) also tried to use the CuTeSP system but they didn’t
observe any catalyst activity. As catalyst they proposed a 5x10°*M CuCl, solution
at a pH of 10.5. Instead of NaOH they use a 0.1 M NH,OH/NH,CI buffer which
prevents the precipitation of any copper and keeps the pH constant. This system
was applied successfully to three different gas-liquid-reactors. (It should be noted
that Sick and Weiland et al. also considered this system but decided against it due
to a possible ammonia desorption caused by its high vapour pressure. With time
this would lead to a considerable pH drop.)

The test experiments were carried out in the ABLR! with the catalyst system as
described by Lara Marquez et al. (1994b). It was chosen because it is homoge-
neous, does not need any activation and has the lowest pH of all the systems.
Solutions of as well pure water as tap water were tested. Both solutions proved to
age very quickly during the measurements, at which the ageing of the tap water
solution proved to be much faster. After 10-20 minutes the solutions which were
clear at the beginning became turbid. Also a decrease of the bubble sizes with time
was observed. These changes of the liquid properties resulted in a constant increase
of ky a the longer the same solution was used.

It was presumed that the liquid property changes (especially the turbidity) were the
caused by the precipitation of some copper complexes. According to Weiland et al.
(1981) precipitation of copper may occur in the presence of ammonia below pH
10.5 which is equal to the applied system pH. To be on the safe side the pH was
raised to 11 and the tests were repeated.

With the tap water solution the properties still changed with time. But with the ion-
free water solution no ageing occurred. Therefore, for all later experiments the fol-
lowing system was used: Ion-free water, 5x10°* M CuCl,, 0.1 M NH,OH/NH,C1
buffer and pH 11. An excerpt from the described tests is given in Fig. 3-2.

The use of tap water is not to be recommended. The presumption seems likely that
authors who observed changes of the liquid properties with time also used unfit cat-
alyst systems (e.g. Gaddis, 1999).

1. Operating conditions: Vi, = 301, Apy = 2.5 bar, dy = 6.2 mm, ly; = 22cm, 180° swirl
device
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Fig. 3-2: k; a in different catalyst systems versus time

The tests also proved that no CO, scrubber was needed and that the ammonia des-
orption could be neglected. Even after two days of operation no significant pH
drop or changes of the liquid properties were observed.

At low mass transfer rates, i.e. if (COZ, in~C0,, out)/(Eoz,i—coz,o) <<1 1s
valid, the state of the gas phase mixing can be ignored (Gaddis, 1999). Here all
mixing models give approximately the same results. However, the ABLR features
relatively high mass transfer rates and the gas mixing characteristics have to be
taken into consideration. For this purpose the residence time distribution of the
gas phase was measured (see Appendix 3). It was found that the gas phase can be
regarded as well mixed, i.e. the mean oxygen concentration of the gas phase
inside the reactor equals the gas outlet concentration.
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3.1.4.2 Confirmation of the applicability of the hydrazine feeding method

Residence time distribution measurements proved that the liquid phase can be
described as well mixed (see Appendix 3).

The absorption rate is not chemically enhanced and not influenced by the reaction
kinetics. This can be tested by the variation of the hydrazine feeding rate at con-
stant mass transfer conditions. The measured kj a value has to be independent of
the hydrazine feeding rate (as long €0,, bulk > 0). In other words, the plot of the
oxygen concentration difference versus the hydrazine feeding rate has to result in
a straight line. For different mass transfer rates this is proven in Fig. 3-3.
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Fig. 3-3: Linear relation between the hydrazine feeding rate and the oxygen concentration
difference

The hydrazine reacts only according to Eq. 3-3. The validity of its left side can eas-
ily be checked by comparing the oxygen consumption, calculated from the gas
mass balance, with the hydrazine feeding rate. These have to be equal. The results
of more than 100 measurements are summarized in Fig. 3-4. As can be seen the
reaction rates of both components are approximately identical.
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The right side of the equation must also be valid. If other products next to water
and nitrogen would be formed the solution would change its properties with time.
However, this is not the case (see Fig. 3-2).

9

8- —— y=0.0053+0.987x a —
=
35 71 A A _
E NP
e S8 7
S A
rew) 5 — A -
2 A
£ 4 i) —
D A
[
(N“‘ 3 A —
L A
S 2r .
T

1L _

O4f I I T I I [ I I

0 1 2 3 4 5 6 7 8 9

Oxygen consumption rate [mol/h]

Fig. 3-4: Comparison of the oxygen consumption and the hydrazine feeding rate

3.1.4.3 Experimental error

The volumetric mass transfer coefficient could not be measured directly but was
calculated from various quantities (see Eq. 3-4). Especially the measurement of
the oxygen concentration in the liquid phase and in the gas outlet was subject to
some errors. The resulting maximal error for the k; a measurements in water was
found to be approx. 7%. The one for coalescence hindered solutions was higher
and around 20%. This increase of the experimental error was the result of the
much higher oxygen consumption which caused a strong decrease of the driving
oxygen concentration difference compared to pure water. Errors regarding the
oxygen concentration measurements were therefore of much greater weight.
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3.1.5 Selection and testing of the k; a measuring technique for
experiments at elevated pressures

3.1.5.1 Selection

Table 3-2 was expanded by two more criteria (see Table 3-3). The only measuring
technique that fulfilled the planned experimental conditions was the pressure
gauge method. Again, the technique was tested first before it was applied.

Measuring Dynamic St.-state Hydrazine | Pressure | Experim.
. . . Sulfite . o
techniques — physical physical feeding gauge conditions
Different gases different
X no no no no yes
possible? gases

Suited for elevated

N no yes limited no yes 1-10 bar
pressures’?

Table 3-3: Extension of Table 3-2 for measurements at elevated pressures

3.1.5.2 Testing

The testing of this method showed that it could not be applied successfully in the
way 1t was described in Section 3.1.2. While in theory the technique has no short-
comings the practical implementation proved difficult. Since the mass transfer
rate in the ABLR is very high, equilibrium after a pressure step was reached very
fast (10-20 sec.). No pressure control device was found that had the required sen-
sitivity and fast reaction times. As a consequence mainly the dynamic characteris-
tics of the control valve instead of the actual absorption rate were measured.

Therefore some changes were made to the original setup. The pressure control and
the gas cylinder were removed. A schematic illustration of the new setup in shown
in Fig. 3-5: After a rapid pressure step valve 1 is closed. Then the reactor is started
and the pressure drop of the system (caused by absorption) is monitored. Since the
extent of the pressure decrease due to absorption is rather small a differential pres-
sure transmitter is used for better accuracy.
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Gas Bottle

Fig. 3-5: Modified pressure gauge method

Eq. 3-1 can still be used for the calculation of k; a but now the gas concentration
resp. the gas pressure is also a function of time. The mass balance for the gas
phase can be formulated as follows:

dN4(t)

= = Ve k- (60 - (D) (3-6)

After closing the gas supply (valve 1) the total amount of the gas component in the
reactor is constant:

N,y = Ng(t=0) + N (t=0) = N(t) + N (t) = const. (3-7)

p(t) - Vg

With Nj (t) = V| - ¢ (1), the ideal gas law Ng(t) = T

and Henry’s law:  p(t) = H-c(t)

Eq. 3-6 becomes:

T B L B LR

dt Vg HVg
— ~ —
bO bl

(3-8)
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In contrast to Zlokarnik’s technique the measurements are now dependent on sev-
eral system parameters. Especially the absolute value of the gas solubility has to
be known now.

The tests also proved that the technique could not be applied to the ABLR, if coa-
lescence hindered liquids were used. The problem is that the gas holdup is being
formed during the beginning of the experiment, i.e. it is not in steady-state. Unlike
with tap water the attainment of steady-state hydrodynamics with electrolyte solu-
tions takes several seconds. Since the mass transfer is rather high in the ABLR the
necessary start-up period is comparable with the duration of the dynamic experi-
ment.

This 1s illustrated in Fig. 3-6 where as well the dynamic pressure difference across
the nozzle Apy as the system pressure pg are plotted versus time. Apy can be
regarded as a measure of the gas holdup in the liquid recirculation pipe because it
decreases with increasing gas holdup at a constant pump speed. It is evident that
steady-state hydrodynamics are attained not before approximately 10 seconds have
passed. However, nearly the entire absorption process has taken place during that
time period. The measured volumetric mass transfer coefficients represent rather
the behaviour of pure water than that of an electrolyte solution and, therefore, they
are far too small (see also Linek et al., 1992).
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Fig. 3-6: Modified pressure gauge method with coalescence hindered solutions
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3.2 Bubble size measurement

In the ABLR extreme conditions for bubble size measurements exist: High flow
velocities, primary bubble sizes in the range of 30-1000 wm and high gas holdups.
The combination of the high gas holdups and the small bubble sizes results also in
a very poor range of vision. For the selection of a proper measuring technique all
these limitations resp. requirements had to be taken into account.

3.2.1 Review of existing techniques

There exist many different techniques for the measurement of bubble size distribu-
tions:

Photographic methods are the most widely used techniques. E.g. Heim et al.
(1997) or Bouaifi and Roustan (1998) used a common photo camera resp. a video
camera which was positioned outside a reactor with transparent walls. A more
advanced photographic technique was used by Chen and Fan (1992). They took
pictures of the gas-liquid-dispersion by using a lasersheet for illumination (Parti-
cle Image Velocimetry, PIV). The advantage of taking pictures from the outside of
a reactor is the absence of any flow disturbances induced by the measuring device.
However, all these techniques can only be applied at low gas holdups where the
range of vision permits optical access to the interior of the reactor.

Another approach is to use an endoscope together with a camera or a similar device
which allows in-line photography (e.g. Ives, 1995). This way the measurements are
not limited by the range of vision. However, the dispersion may be influenced by
the endoscope.

The big disadvantage that all photographic techniques have in common is the very
time consuming analysis of the taken images.

Contact probes rely on the conductive, dielectric or optical properties of the liquid
media and can be used to measure bubble penetration or chord lengths (e.g. Buch-
holz et al., 1981; Kuncova and Zahradnik, 1995; Bentifraouine et al., 1999). To
calculate bubble size distributions from the measured chord lengths both local
flow velocities and statistical models are required (see Clark and Turton, 1988).
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The smallest measurable bubble diameter is limited by the dimensions of the probe
tip. The typical needle diameter of a conductive probe is about 0.1 mm. Addition-
ally the wetting processes of the needle are not infinitely fast. This can especially
become a problem with high flow velocities (Otake et al., 1981). A threshold has
to be defined for the distinction between gas and liquid phase. If this is wrongly set,
large errors can occur. Recently Fordham et al. (1999) were able to reduce the wet-
ting problems by treating the probe surface, which prevented the formation of any
persistent water films.

However, the fully automated and fast generation of bubble size distributions has
to be regarded as very advantageous.

Barigou and Greaves (1992) and Genenger et. al (1992) measured the local bubble
size distributions in a stirred tank reactor resp. in a loop reactor using an auto-
mated capillary suction probe. A small, constant stream is removed from the gas-
liquid dispersion and enters a capillary of known diameter. The lengths of the bub-
ble slugs formed in the capillary are measured using photoelectric detectors
allowing the calculation of the bubble volumes.

A less sophisticated technique was used by Tung et al. (1998). They used photo-
graphs to analyze the number and size of the bubbles in the capillary.

Again, very advantageous is that an automatic generation of the bubble size distri-
butions is possible. However, large errors can occur at high gas holdups because of
bubble coalescence in the collection funnel or at high suction rates because of bub-
ble breaking (Buchholz, 1981). Also the local hydrodynamics may be influenced
by the suction probe. Recently an improved suction method was presented by
Kamiwano et al. (1998) which allowed gas-holdups up to approx. 6%.

There also exist some measuring methods which use acoustic techniques as an
analytical tool. Leighton et al. (1997) have recently reviewed and compared the
different ultrasound techniques. Boyd and Varley (1998) describe a method that
uses sound measurements. All these techniques have in common that the needed
equipment is rather complex and that the system has to be calibrated each time the
physical properties (e.g. viscosity) are changed. It is also not clear where the lim-
its regarding the maximal gas-holdup are.
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Some techniques measure mean bubble sizes only, e.g. the light extinction method
(Hetsroni, 1982). But since it was the goal to measure bubble size distributions
and not just the averages these methods will not be discussed here.

3.2.2 Selection of the measuring technique

After reviewing the existing techniques it is evident that only photographic meth-
ods can guarantee reliable bubble size measurements, especially at high gas hold-
ups.

Regarding the bubble size two main cases were identified in the ABLR: Very
small bubbles (<1 mm) in the plunging jet zone and everywhere in coalescence
hindered solutions. Larger bubbles (1-8 mm) outside the plunging jet zone in coa-
lescing solutions.

For the first case a special in-process video microscope for high speed applica-
tions called PVM™ (LASENTEC®) was used. (The PVM could only be used for
bubbles <1 mm because its field of view is limited to 1.32 x 1.76 mm.) The
PVM’s very short exposure time (=300 ns) and its high resolution guaranteed a
sharp image of very small bubbles even at high flow velocities. Due to its in-line
applicability every zone in the reactor could be accessed and limitations regarding
the range of vision were avoided that way.

Since the PVM probe is inserted into the reactor a possible influence of the flow
had to be taken into account. Of decisive importance is in this case the angle of the
probe window to the flow direction. An example (measured in the plunging jet
zone) is illustrated in Fig. 3-7. At angles < 20° to the flow direction the measured
bubble size distributions are equal and independent of the insertion angle. Appar-
ently the flow disturbances are minimal here. At angles > 20° the measured bubble
sizes start to shift towards smaller values. This effect is intensified with increasing
insertion angles. Therefore, to minimize the PVM’s influence, bubble images were
only taken at insertion angles < 20°.

For the second case (bubbles > 1mm) images were taken from the outside of the
vessel by a digital photocamera.

The later evaluation of the images was assisted by image analysis. A detailed
description of the used procedures can be found in Appendix 1.
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Fig. 3-7: Influence of the PVM insertion angle on the bubble size distribution

3.3 Gas holdup measurement

3.3.1 Review of existing techniques

This short review is structured in techniques for local and mean gas holdup mea-
surements. A more detailed overview can be found for example in the review of
Joshi et al. (1998).

Mean gas holdup

The volume expansion method is by far the most used technique for the measure-
ment of the overall holdup. The holdup is calculated from the static liquid height
hg and that of the aerated liquid hg (see Eq. 3-9).

The method is easy to apply and cheap. Problems may occur regarding the exact
measurement of hg, especially with heavily aerated liquids.
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hg ~h
£ = RhR : (3-9)

Radiation absorption techniques are also often used. The intensity of a y- or X-ray
which passes through a two phase layer depends on the mean density of this layer
exponentially. The needed experimental setup and safety precautions make these
techniques rather expensive. Errors may occur because the measurements are influ-
enced by the void orientation and because radiation sources are often not monoen-
ergetic.

The quick closing valve technique is often used and produces reliable (volume
averaged) results. The dispersion inside a reactor section is trapped by quickly and
simultaneously closing all its inputs and outputs. The gas holdup is then calcu-
lated from the liquid volume in the section and the total section volume. Synchro-
nization of the valves may be difficult but errors caused by this can be minimized
by making the measuring volume large enough.

Capacitance measurements can also be used to determine the gas holdup in pipe-
lines (Hersperger et al., 1995; Andreussi et al., 1988; Geraets and Borst, 1988).
Two ring electrodes are mounted to the pipe wall, i.e. the method is non-intrusive.
The capacitance between the two electrodes depends on their distance and the lig-
uid holdup. The method is fully automated, but the signal processing and calibra-
tion are rather difficult. Furthermore the measurements are influenced by e.g. the
temperature and inhomogeneities of the two phase flow.

Coriolis mass flow meters are another possibility, since they measure (next to the
mass flow) the fluid’s density. Lately there even exist flow meters made of one
straight tube which causes no additional flow disturbances compared to a straight
pipe (Drahm and Matt, 1998). However, gas-liquid dispersions are seldom per-
fectly homogeneous which may prevent correct measurements.

Local holdup

Barigou and Greaves (1992) and Genenger et. al (1992) measured the local gas
holdup in a stirred tank reactor resp. in a loop reactor using an automated capillary
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suction probe. A small, constant stream is removed from the gas-liquid dispersion
and enters a capillary. The gas fraction is measured using photoelectric detectors.
A suction technique using a simplified evaluation technique was recently pre-
sented by Sprehe et al. (1999). See Section 3.2.1 for a description of the pros and
cons of this technique.

Contact probes that rely on the conductive, dielectric or optical properties of the
liquid media are often used to measure local gas holdups (Buchholz et al., 1981;
Linneweber and Blass, 1983; Barigou and Greaves, 1996; Bombac et al., 1997).
The advantages and problems that may arise with this technique were already dis-
cussed in Section 3.2.1.

There exists a very wide variety of tomographic techniques, e.g. the y-ray (Veera
and Joshi, 1999) and X-ray transmission tomography, the positron emission
tomograpgy, the optical tomography or the ultrasonic tomography. Recently Cha-
ouki et al. (1997) have published a very comprehensive review of all the known
tomographic techniques suited for the monitoring of multi-phase flows. All these
techniques are non-invasive, i.e. the flow is not disturbed, and they give complete
informations regarding the holdup structure. However, they are also very expen-
sive and difficult to install. Some of them are only suited for laboratory-scale
equipment. Also the applicability of some of these techniques at high gas holdups
1S uncertain.

3.3.2 Selection of the gas holdup measuring technique

A high value was set on the reliability and the simplicity of measuring technique.
Therefore the volume expansion method was used for the measurement of the
holdup in the reaction vessel and the quick closing valve technique for the gas
holdup measurement in the recycle pipe!.

1. It should be noted that for the gas holdup measurements in the liquid recycle pipe a
Coriolis mass flowmeter was taken into consideration first. But tests proved that this
technique could not be applied correctly due to the suspected inhomogeneities in the
gas-liquid dispersion.



-52.

4  Experimental

The experimental work was carried out in three stages. First a pilot scale reactor
was designed and constructed for measurements at ambient pressure. With this
setup all the experiments regarding the influence of the reaction mixer geometry,
the power input and the liquid properties on the mass transfer characteristics were
made.

In a second step the setup was modified for measurements at pressures up to 10 bar.
Here particularly the influence of the gas properties on the mass transfer character-
istics was investigated.

In a third step, in order to confirm the findings between 1-10 bar, some experiments
were carried out in a pilot ABLR of the Kvaerner Process Technology AG, Prat-
teln, Switzerland. With this pilot plant system pressures up to 80 bar were possible.

4.1 Experiments at ambient pressure

4.1.1 Experimental Setup

During the design and construction of the first experimental facility special atten-
tion was paid to use as many components as possible for the later experiments at
elevated pressures. Therefore many parts were made of stainless steel from the
beginning. A flowsheet and two photographs of the setup are given in Fig. 4-1,
Fig. 4-2 and Fig. 4-4.
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Fig. 4-1: Flowsheet of the experimental setup for measurements at ambient pressure with the

main parts reaction vessel, reaction mixer (mixing tube, nozzle) and liquid recycle

(electrical heating, circulating pump, heat exchanger)

Reaction vessel

The cylindrical part of the reaction vessel was made of transparent Plexiglas. It
had an inner diameter of 30 cm and a height of 66 cm. A standard torispherical
head (DIN 28011) of the same inner diameter served as the bottom of the vessel, a
steel plate as its top cover. At one side of the vessel there were seven sealable
openings which served to access the reaction vessel with the PVM probe. A ruler
attached to the vessels wall was used to measure the level of the liquids free sur-
face during operation.
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Fig. 4-2: Photograph of the experimental facility for measurements at ambient pressure

Reaction mixer and air supply

The reaction mixer was constructed in a modular way, allowing the testing of
many different reaction mixer geometries. Table 4-1 gives an overview regarding
the dimensions of the nozzles, mixing tubes and swirl devices which were used in
this work. The swirl devices were fabricated of stainless sheet steel with a thick-
ness of 0.8 mm and were wedged into the nozzle. With these components it was
possible to assemble 24 different reaction mixer configurationsl.

The reaction mixer was mounted on the reactor in such a way that the end of the

mixing tube, independent of its length, jutted out one centimeter into the reaction

1. Including the option “no swirl device”
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same point.

vessel, ensuring that the dispersion jet entered the reaction vessel always at the

Nozzles
Nozzle 1 Nozzle 2
dy=6.2 mm dy=8.0 mm
hy =90 mm hy =90 mm
B =5.58° B =5.58°
Mixing tubes
Mixing tube 1 Mixing tube 2 Mixing tube 3
dyy=12mm dyp =12 mm dy =12 mm
Iy = 120 mm Iy =220 mm Iy =370 mm
Swirl devices
. dswirl s
| _ .3
8 Swirl 1 Swirl 2 Swirl 3
how | swirl =24 mm | dgyin =24 mm | dgyi = 24 mm
hswirl = 75 mm hswirl =75 mm hswirl = 75 mm
vvvvvvvvvv - '——b B=5.58° B=5.58° B=5.58°
‘e ¥ = 90° x = 180° x = 270°
N X
___\_ -a
\\b

Table 4-1: Dimensions of the used reaction mixer components

The flow rate of the air entrained by the reaction mixer was measured by a rotame-
ter (YOKOGAWA, model RAGH). The use of different floats made it possible to
cover flow rates between 500-8000 NI/h. The ball valve V5 (see Fig. 4-1) could be
used to reduce the flow rate of the entrained air. The dynamic pressure drop (Apg)
in the gas suction chamber caused by this throttling was measured by a piezoresis-
tive differential pressure transmitter (KELLER, series 23 PD) (DPIR 2 in Fig. 4-1).
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Liquid recycle

For the liquid circulation a self priming combi-pump with extremely low NPSH
values was used (SERO, series SRZS W). With this pump it was possible to con-
vey dispersions with even very high gas holdups. A frequency converter (ABB,
series ACS 300) was connected to the pumps motor in order to change its speed.
The pipeline between reaction vessel and circulating pump had an inner diameter
of 40 mm. Built-in into it were a sight-glass of the same diameter, a ball valve for
the emptying of the reactor and a connection port for the hydrazine feed. The pres-
sure sided pipelines of the liquid recycle had an inner diameter of 32 mm. A
piezoresistive differential pressure transmitters (KELLER, series 23 PD) (DPIR 1
in Fig. 4-1) was used to measure the dynamic pressure before the nozzle (Apy).
In order not to damage the circulation pump while applying the quick closing
valves technique a branching of the pipeline for approx. 1.5 meters was necessary.
This way it was avoided that the pump had to work against a closed pipeline.
Built-in into the first branch were two ball valves with full bore (V2 and V3 in
Fig. 4-1), an electromagnetic flow meter (KROHNE, series IFM 1080 K + series
IFC 090 F) and another sight-glass. The second branch contained a double pipe
heat exchanger (length: 65 cm, surface: 650 cmz) and another ball valve with full
bore (V1 in Fig. 4-1).

The handles of the valves V1 and V2 were connected by an aluminum bar in such
a manner that their positions could be changed with one hand simultaneously, i.e.
the opening of V2 resulted in the closing of V1.

Normally the branch with the heat exchanger was used. The other branch was
only used for measurements of the gas-free liquid flow and the gas holdup in the
recycle. It should be pointed out that measurements with the electromagnetic
flowmeter were only accurate as long as the liquid phase contained gas holdups
below 3 %. Therefore it was mainly used to determine the discharge coefficients
Cs of the different nozzle configurations.

Temperature measurement and control

The reaction solution could be both cooled and heated. An electrical heating band
was used to heat up the fresh solutions to the desired operating temperature which
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was always 25 °C. Without any cooling the solution would have been slowly
heated up by the circulation pump and the reaction enthalpy of hydrazine oxida-
tion. Therefore a heat exchanger operated with cooling water was necessary to
keep the temperature in the reactor constant The combination of an electric tem-
perature controller (EUROTHERM, series 2216) (TIC 1 in Fig. 4-1) and a mag-
netic control valve (BURKERT, series 6022) was used to control the flow rate of
the cooling water.

The temperatures of the reaction solution, the ambient air and the cooling water
were monitored with electric resistance thermometers of the type Pt 100. A fourth
Pt 100, which was located in the recycle pipe, was used as sensor for the tempera-
ture control.

ky a-measurement

A precision double piston pump (DESAGA, type KP 2000) was employed for the
time constant feeding of the hydrazine solution. The flow rate could be varied
between 5-2000 ml/h. The inlet of the hydrazine into the reactor was located at the
intake of the circulating pump (see Fig. 4-1). This way very good mixing with the
liquid phase was guaranteed. To avoid any contact with the highly toxic hydrazine
solutions and fumes (especially in the case of a hazard) the whole feeding device
was located in a collecting basin under a hood with constant air removal.

Two Clark type oxygen probes (METTLER TOLEDO, series InPro 6000 + O,
Transmitter 4100) were used. One (QIR 2 inFig. 4-1) was inserted into the reaction
vessel near its bottom for the measurement of the dissolved oxygen concentration
in the liquid phase. The other (QIR 1) was used for the monitoring of the oxygen
concentration in the air leaving the reactor.

Bubble size measurement

The PVM used in this work acquired images the size of 1320 x 1760 um with a
resolution of 480 x 640 pixels. The photographs were stored on a local computer
where also the analysis of the images took place (see Appendix 1). The software
package WIT (LOGICAL VISION) was used for the image analysis.
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A special holding device for the PVM which allowed the access to all zones of the
reaction vessel was constructed. Details of the construction are shown in Fig. 4-3.
The PVM-probe was clamped to an aluminum profile. The profile itself was
attached to an aluminum disk in such a way that shifting towards the reaction vessel
was possible. The disk was mounted on a base-plate and could be turned in steps
of five degrees. The base-plate was attached to a vertical steel pole and could be
moved vertically. With this holding device it was possible not only to alter the
height and penetration depth of the probe but also its angle to the flow direction.
The reaction vessel could be entered by the PVM through seven openings in its
wall. The flexible sealing between the PVM and the reaction vessel was achieved

by using rubber bellows.

Fig. 4-3: Mounting device for the PVM. A: general view, B: sealing device and insertion holes,
C: turntable
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Fig. 4-4: Photograph of the peripheral electronic equipment

Data acquisition

All measured quantities were visualized and stored on a computer. As interface
between the measuring devices and the computer served a multiplexer
(NATIONAL INSTRUMENTS, SCXI 1000) and a data acquisition board
(NATIONAL INSTRUMENTS, AT-MIO-16E-10). The software package used
for the data acquisition was LabVIEW® (NATIONAL INSTRUMENTS).

4.1.2 Media

The only gas used with this first setup was ambient air. The model media for a
coalescing liquid was ion-free water. For coalescence hindered systems a 0.25M
Na,SOy-solution was chosen. The liquid properties of these systems are shown in
Table 4-2. All measurements were carried out at a temperature of 25° C.
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Na,SO4 concentration Water 0.25M
Dyn. viscosity 1 [mPa-s]? 0.95 1.17
Density p [kg/m’] 997 1025
Surface tension ¢ [N/m]P 0.072 0.072
Oxygen solubility [mg/1]° 8.30 6.55

Table 4-2: Properties of different Na,SOy4-solutions at 25 °C, 1 atm

a. CRC Handbook (1995) and Wilkinson (1991)

b. Lara Mérquez (1994a)

c. Water: Tromans (1998), Na,SO, solutions: Linek and
Vacek (1981)

Some experiments were also carried out with viscous liquids. Different glucose
solutions were used as a model system with Newtonian characteristics. The same
system was used e.g. by Marquart (1981) in a jet loop reactor with internal circu-
lation. According to Zlokarnik (1984) this system stands out for the possibility of
varying the viscosity without altering the surface tension and the coalescence
behaviour.

The properties of these solutions can be found in Table 4-3. The primary material
for the preparation of these solutions was glucose syrup of a dry content of 78%
(V-43, CERESTAR).

Glucose dry content 40% 45% 50% 55% 60 %
Dyn. viscosity 1) [mPa-s]? 10 15 29 49 98
Density p [kg/m’]* 1.20 1.22 1.25 1.27 1.30
Surface tension ¢ [N/m]? 0.074 0.074 0.074 0.074 0.074
Oxygen solubility [mg/1]° 4.9 4.4 4.2 3.9 3.6

Table 4-3: Properties of different glucose solutions at 25 °C, 1 atm

a. Measured

b. By fitting the experimental results in Sadler et al. (1988), Eya et al. (1994), van Stroe-Biezen et

al. (1993) and Battino (1981)
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4.1.3 Experimental methods
k{ a measurements

The hydrazine feeding solution used for all the measurements was prepared by
dilution of hydrazine monohydrate (FLUKA, puriss.) and had a concentration of
10.25 moles/liter.

For each new k; a measurement the hydrazine feeding rate was adjusted so that the
steady-state dissolved oxygen concentration found its level at approx. 50 % of the
saturation concentration. This way the experimental error was minimized and the
hydrazine consumption was kept low. The oxygen concentrations measured during
ten minutes of steady state operation were used for the calculation of k; a.

In order to control that the solution did not change its properties with time (see
chapter 3), it was proceeded as follows: The first k; a measurement with a fresh
reaction solution was used as a reference point. In each case after approx. 10 further
k; a measurements the operating conditions were set back to the ones of the first
measurement and k; a was determined again. If there was no deviation from the ref-
erence the solution was used for another 10 k; a measurements. However, even
with no observable aging a reaction solution was used for two days at the most.
To ensure that only fresh air was entrained into the reactor during the k; a-measure-
ments the gas recycle was closed using valve V4 (see Fig. 4-1).

Gas holdup measurements

At the beginning of a gas holdup measurement in the liquid recycle the valves V2
and V3 (see Fig. 4-1) were open. Then they were quickly closed by hand simulta-
neously and the liquid trapped between them was drained, weighed and returned
into the reactor. This procedure was repeated twice. The recycle holdup €p was
calculated from the mean of these measurements.

Knowing € and the total amount of liters filled into the reactor it was possible to
determine the overall gas holdup €, from the level of the dispersions free surface.
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Bubble size measurements

In pure water coalescence occurred very quickly and resulted in bubble diameters
in the range of 2-5 mm. Therefore, due to its small field of view (1.3 x 1.7 mm),
the PVM could only be used in the uppermost part of the plunging jet zone. In this
case pictures of the bulk bubbles were taken by a digital camera from the outside
of the reaction vessel. With coalescence hindered solutions only the PVM was
used.

A detailed description of the used image analysis procedures and the calculation of
the bubble size distributions can be found in Appendix 1 and Appendix 2.
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4.2 Measurements at elevated pressures

4.2.1 Experimental setup

The flow sheet of this new setup in shown in Fig. 4-5. A photograph of the modi-
fied reactor can be found in Fig. 4-6. The following changes and extensions were
made to the first equipment:

Reaction vessel

The Plexiglas vessel was replaced by a stainless steel vessel with the same interior
dimensions. Built-in into the vessels walls were three sight glasses allowing an
insight along its entire length. As with the first setup rulers were attached next to
the sight glasses to measure the level of the liquids free surface during operation.
Another sight glass was installed at the vessels top. A cold light source was posi-
tioned in front of it to illuminate the vessels interior.

For the access of the PVM-probe two insertion ports in the lower half of the vessel
were provided. The rubber bellows couldn’t be used anymore for the sealing
between the PVM-probe and the reaction vessel. They were replaced by two seal-
ing devices at fixed insertion angels (10° and 30° to the horizontal).

The system pressure was monitored with a piezoresistive pressure transmitter
(PIR 1) (KELLER, series 25). For the accurate measurement of the pressure his-
tory during the kj a experiments a piezoresistive differential pressure transmitters
(DPIR 2) (KELLER, series 23 PD) was used. To prevent any exceeding of the per-
missible pressure a relief valve was installed in additition to a hand-operated ball
valve (V9) for venting.

Since the pressure gauge technique is sensitive to small temperature changes dur-
ing an experiment the whole plant had to be insulated.

Gas supply

A thermostat (JULABO, series F30) was employed to heat up the fresh gas com-
ing from the gas bottles to the operating temperature of 25 °C. A mechanical pres-
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Fig. 4-6: Photograph of the experimental facility for measurements at elevated pressures
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sure control valve (PC 1) (NORGREN) was used for setting the pressure in the
reactor.

The flow rate of the entrained gas was measured by a differential pressure flowme-
ter (FIR 1) (IMcCROMETER, Waver-Cone Flowmeter). To cover the entrainment
rates off all the used gases between up to 10 bar two differential pressure transmit-
ters (not shown in Fig. 4-5) had to be used. One had a range of 0-50 mbar (smar®,
LD 301). The other a range of 0-2000 mbar (KELLER, series PD 23). Depending
on the flow rate and the systems pressure the connections between the two differ-
ential pressure transmitters and the V-Cone Flowmeter were switched from one to

another.
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4.2.2 Media

For the experiments at elevated pressures pure water was used. Four different gases

were used: Helium, nitrogen, argon and sulfur hexafluoride (SF). Their properties

are summarized in Table 4-4.

He N2 Ar SF6
Mol. weight M; [g/mol]? 4.003 28.013 39.948 | 146.056
Dyn. viscosity 1) [Pa-s]? 1.94-10% | 1.75-105 | 2.10-107 | 1.51-107
Density p [kg/m’]® 0.16 1.13 1.61 5.87
Henry’s | tant H
R 2612 | 1544 | 731 | 4107
[atm m~/kmol]
Diffusion coefficient in 9 9 9 9
2, d 25107 | 1.910° | 2.1-10° | 1.1'10°
water [m“/s]

Table 4-4: Properties of the used gases at 25 °C and 1 bar

a. CRC Handbook of Chemistry and Physics (1995)

b.Wilkinson (1991)
¢. Battino et al. (1984)

d.Wilke-Chang correlation (Deckwer, 1985)

4.2.3 Experimental methods

The gas holdup and the bubble size distributions were determined in the same

manner as already described in Chapter 4.1.3.

The volumetric mass transfer coefficient k; a was measured with the pressure
gauge method using the following procedure: After reaching equilibrium between

the gas and liquid phase at starting conditions the circulating pump was stopped.
Then the pressure was increased by 3-7 bar, depending on the solubility of the
used gas type. First valve V6 then valve V8 (see Fig. 4-5) were closed. Now the
pump was started and the pressure history was recorded by the computer. Later

kj a was calculated by regression of the pressure history using Eq. 3-8.
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5  Results at ambient pressure with
the air/water system

In this chapter all the experimental results that were obtained at ambient pressure
will be presented and discussed. The chapter is structured into five sections:

In the first two sections the influence of the power input and the liquid batch size
on k; a will be described. The third and largest section of this chapter will deal with
the influence of the reaction mixer configuration on the reactor’s performance. In
the fourth section a dimensionless model will be derived. In the last section all con-
clusions made in this chapter will be summarized.

5.1 Influence of the specific power input

5.1.1 Experimental results

For all tested reaction mixer geometries the volumetric mass transfer coefficient
k; a was measured as a function of specific power input eg. A plot of an exemplary
extract! of these measurements is shown in Fig. 5-1. The presented measurements
were obtained with the air/water system. To illustrate the experimental error the
corresponding error bars were also included.

A strong correlation between kj a and eg can be identified. The volumetric mass
transfer coefficient increases with increasing specific power input.

1. It should be noted that k; a versus eq was measured for all the 24 tested reaction mixer
geometries. However, for a more comprehensive illustration of the obtained results
only a part of the measurements is shown. The complete set of data can be found in
Appendix 4.
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Fig. 5-1: Influence of the specific power input on k; a (air/water)

5.1.2 Discussion

In accordance to correlations presented in Chapter 2.2 the influence of eg on kj a
can be quantitatively described with the help of the following power law function

k; a = C(geometry, liquid properties) - (es)x (5-1)

where C represents the proportionality coefficient valid for a given reaction mixer
configuration and set physical properties. Eq. 5-1 was fitted in each case to the
experimental results obtained with one given reaction mixer configuration. The
exponent x of all tested configurations was found to range between 0.8 and 1.1.

The observed influence of the specific power input on k;j a is in good agreement
with the findings for jet driven reactors reported by other authors. Dutta and
Raghavan (1987) investigated differently shaped downflow ejectors and found x
to range between 0.70 and 0.80. For a downflow ejector loop reactor van Dieren-
donck et al. (1988) reports an x of 0.9. On the basis of the theory of isotropic tur-
bulence Kawase and Moo-Young (1990) have estimated x to equal approximately
1.0. The applicability of this theory on the ABLR seems very likely. A further
confirmation of this conclusion can be found in the next section.
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5.2 Influence of the liquid batch volume on k; a

The influence of the liquid batch volume Vi on the volumetric mass transfer coef-
ficient kj a was investigated for two reasons:

1. The specific power input eg could be varied without changing the absolute
power input P. Results obtained this way could be used to confirm the findings
made in Section 5.1 regarding the influence of the specific power input.

2. Similar experiments valid for reactors with common ejectors have been pub-
lished by other authors. Therefore, results obtained this way are suited for
comparing the ABLR with these reactors and identifying possible differences.

5.2.1 Experimental results

For one exemplary reaction mixer configuration a plot of kj a versus the specific
power input eg at different batch sizes V; and power inputs P is shown in Fig. 5-2.
The volumetric mass transfer coefficient is a direct function of eg, i.e. the results
of Section 5.1 can be confirmed. As long as eg is constant, kj a is independent of
the absolute values P and V| . (Of course, this statement can only be regarded as
granted inside the range of the varied batch volumes and power inputs.) As done
in Section 5.1, the results can be approximated with a power law function
(x =0.95).
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Fig. 5-2: kj a versus the volumetric power input at different batch sizes

These results could be confirmed with a different reaction mixer geometry and dif-
ferent liquid propertiesl. This is shown in Fig. 5-3. Again, measurements obtained
at different batch sizes but equal specific power inputs were comparable. Due to
the much higher experimental error, the measured kj a values are more scattered
with the sulfate solutions.

As before, the measured points were fitted with a power law function and again the
values of the exponent agree well with the case of isotropic turbulence calculated
by Kawase and Moo-Young (1990), i.e. x = 1. Therefore, the applicability of this
theory on the mass transfer in the ABLR can be regarded as appropriate.

These findings were also of great importance for further experiments. Measure-
ments of kj a, that were obtained with one select batch size, were transferable to
other batch sizes. Or in other words, it was sufficient to measure the influence of
other operating conditions (reaction mixer geometry, liquid properties) on kj a at
one batch size only. Thus, the number of needed experiments could be reduced
and the meaningfulness of the measurements increased.

1. The influence of the reaction mixer configuration and the liquid properties on the mass
transfer characteristics will be discussed in more detail in Section 5.3 and Section 6.
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Fig. 5-3: ki a versus eq at different batch sizes and liquid properties

5.2.2 Comparison with common ejector driven loop reactors

At the beginning of this chapter it has already been mentioned that similar experi-
ments have been carried out by other authors with ejector driven reactors. Nagel et
al. (1970) have measured the mass transfer in an upflow ejector loop reactor at dif-
ferent liquid heights h; above the ejectors outlet. At a constant liquid circulation
flow rate (1.e. P = const.) they plotted the measured absolute phase interface area
A versus the batch size. The area A was found to decrease with decreasing batch
volume and by extrapolating to h; = O they obtained the approximate contribution
of the ejector volume to A (see Fig. 5-4). It is evident that the mass transfer taking
place in the ejector has a considerable effect on the overall mass transfer rate.
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Fig. 5-4: Absolute interfacial area A vs. the liquid height h; (Nagel et al., 1970)

These results point out one of the characteristics of the ejector loop reactors used
e.g. by Nagel et al. (1970), Dirix and van der Wiele (1990) or Cramers et al. (1992,
1993). Nearly the entire energy input dissipates in the ejector. As long as P is con-
stant also eg in the ejector is constant and the interfacial area inside the ejector does
not change with V} . Once the dispersion leaves the ejector its behaviour is similar
to that of a bubble column. The dispersion has lost nearly all of its momentum due
to the much higher cross sectional area of the diffusor and the draft tube compared
to the mixing tube. Therefore, after leaving the ejector, the gas-liquid mixing takes
mainly place by buoyancy forces. The higher the liquid level above the ejector out-
let is, the higher is the contribution of this ’bubble column section’ to the mass
transfer.

A plot similar to the one presented by Nagel et al. (1970) was generated for the
ABLR (see Fig. 5-5). Instead of the absolute phase interface A, which was not
measured in this work, the product k; a - V; was used. In a first approximation it
can be assumed that the liquid sided mass transfer coefficient ky is constant (see
also Section 5.3).

No change of the interfacial area can be observed with the ABLR. Two explana-
tions are possible for this behaviour.

One may assume that the entire mass transfer takes place in the mixing tube. How-
ever, this explanation is incompatible with other experimental observations. A very
intensive gas-liquid mixture can be observed visually in the reaction vessel. Fur-
thermore, an increase of the mixing tube length did not increase but decrease the
mass transfer rate (see Section 5.3).
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Fig. 5-5: k; a - V; vs. V|, with the absolute power input P as parameter

More obvious is the following explanation. The ABLR can be regarded a single
unit where the energy dissipates in the entire liquid batch volume. This is also in
good agreement with the findings regarding the influence of the specific power
input on k; a and the applicability of the theory of isotropic turbulence. The halving
of the liquid batch volume at a constant power input P leads to a doubling of eg,
and therefore k; a, since it is directly proportional to eg (because x = 1). However,
as proven with Fig. 5-5, these changes do not affect the product k; a - V; , which
remains constant.

In the ABLR the reaction mixer serves primarily as a dispersion unit. Of course
very high specific surface areas are present in the mixing tube but, due to its small
volume compared to the liquid batch volume, its contribution to the overall mass
transfer rate is negligible. This is a very different behaviour compared to common
ejector loop reactors where the ejector itself contributes significantly to the mass
transfer due to its much larger size and different geometry.

While with the ABLR’s reaction mixer much of the liquid jet’s momentum is pre-
served, nearly all the jet’s energy dissipates inside common ejectors. Therefore,
with measurements obtained with common ejector driven reactors the exponent x
in Eq. 5-1 is well below 1.0.
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5.3 Influence of the reaction mixer geometry

In the first part of this section the experimental data regarding the influence of the
reaction mixer geometry on the volumetric mass transfer coefficient k; a and the
gas holdup &, will be presented and discussed. This is done simultaneously for
these two quantities because they were often affected in a similar way. Later the
same will be done for the influence of the reaction mixer geometry on the bubble
size distribution. In the third part the results presented so far will be combined in
order to deepen the knowledge regarding the effects caused by the different reac-
tion mixer configurations. At the end of this section a design correlation based on
dimensional analysis will be presented which allows the estimation of ky a at dif-
ferent reaction mixer geometries.

5.3.1 Influence of the reaction mixer geometry on ky a and &,

5.3.1.1 Influence of the nozzle diameter

It should be noted that the volumetric mass transfer coefficients and the total gas
holdups of all the 24 possible reaction mixer geometries were measured. However,
for a more comprehensive illustration of the results only some extracts of the mea-
sured data will be used in this section. The complete set of data can be found in
Appendix 4.

In Fig. 5-6 the influence of the nozzle diameter on kja is illustrated for some
exemplary reaction mixer configurations. If the same mixing tube and swirl
device were used, the application of the 8 mm nozzle always resulted in higher
mass transfer rates at the same power input.

The influence of the nozzle diameter on the total gas holdup €, is shown in Fig. 5-
7. As with the kj a measurements the nozzle with the larger diameter gave the
higher total gas holdup €, at otherwise constant operating conditions. Also the gas
holdup was increased approx. linearly by an increased specific power input. This
is in good agreement with the results of Zahradnik et al. (1997). They also observed
a linear increase of the gas holdup between power inputs of 0-5 kW/m?.
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Fig. 5-7: Influence of the nozzle diameter on the total gas holdup

The influence of the nozzle diameter on kj a and €, can be explained by taking a
closer look at the gas entrainment rate and the momentum of the formed gas-liquid

dispersion leaving the mixing tube.

Suppose there are two different nozzles with the diameters dy; and dyj. The ratio

of these two diameters shall be defined by
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o = dlz (5-2)
dni

At a constant power input the corresponding ratio of the flow rates through the noz-
zle can be calculated with the help of Eq. 2-20. In a first approximation the dis-
charge coefficient C; can be assumed as constant and the gas holdup in the
recirculation pipe e can be neglected since it was seldom larger then 5 % with the
air/water system under the applied operating conditions. Hence follows that, at a
constant power input, the ratio of the resulting liquid flow rates Qp ; and Qp, is
given by

Q
_.._I'.‘_z. = Q)4/3
Qi
For rough turbulent jets emerging from nozzles the gas entrainment mainly takes
place by the so-called jet envelope mechanism (e.g. Bin, 1993; Cramers et al.

(5-3)

1992a,b). Jet surface instabilities create an envelope surrounding the jet core. Gas
trapped between these instabilities gets carried away by the liquid jet. This process
can be promoted by an additional disturbance of the jet, e.g. by the application of
swirl devices in the upflow region of the nozzle. The gas entrainment ratio Qg/Qy,
caused by this mechanism can be described by the following formula

- @

at which dyj denotes the diameter of the liquid jet at its plunging point into the mix-
ing shock zone. Strictly speaking the above equation is only valid for liquid jets
without any swirl induced on them. Also the diameter dy was not measured in this
work. However, on the basis of the measured liquid and entrained gas flow rates it
was possible to modify Eq. 5-4 in order to get a quantitative approximation for-
mula of the gas entrainment in the ABLR. The jet diameter dj was substituted by
the mixing tube diameter dy; and a proportionality factor was introduced. The fol-
lowing equation could be derived:

g—f = 08- [(%“—;)2 _ 1} (5-5)

According to Eq. 5-5 the gas entrainment ratio Q5/Q; _ is only a function of the ratio
of the mixing tube and nozzle diameter. Or in other words, the gas entrainment ratio
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can be regarded as constant for the same nozzle diameter since dy; was not varied
in this work. To illustrate this a plot of Qg vs. Qp, valid for the nozzle with a diam-
eter of 8 mm, is shown in Fig. 5-8. It should be noted that the data points were
obtained with all reaction mixer configurations possible with this nozzle.
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Fig. 5-8: Qg vs. Q. for all possible configurations with the 8 mm nozzle

It is assumed that the dispersion jet charging from the mixing tube can be described
with the homogeneous flow model and that the slip between the two phases can be
neglected due to the high degree of turbulence in the mixing tube. The correspond-
ing flow rate Qg;gp, the velocity of the dispersion jet ug;q, and the homogeneous dis-
persion density Pgjgp, can be calculated by the following formulas

Q
Quisp = Q.+ Qg = Q-1+ Q—(L}) (5-6)
Qg
4-Qq - (1 + Q—L)
udisp = 2 (5-7)

TC'dM
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pdisp = Pr- QG (5-3)

The momentum rate M of the dispersion jet plunging from the mixing tube into
the reaction solution is given by

* 4 2 Qg
M = Pyisp - Quisp Yaisp = — 3 "PL Q- (1 + 6_) (5-9)
TC * dM L
And finally the ratio of the momentum rates obtained at constant power input with

two nozzles of different diameters (with dy; < dy») can be calculated by merging
Eq. 5-2, Eq. 5-3, Eq. 5-5 and Eq. 5-9.

d2
. 02.0"°+08.07° M
M, dxi ,
— = 3 >1 w>1 (5-10)
M 02+08. M
le

It is evident that an increase of the nozzle diameter at a constant power input leads
to an increase of the dispersion jet momentum if the same mixing tube is used. This
strongly influences the gas-liquid mixing in the reaction vessel.

Bubbles entrained by a vertical plunging jet penetrate the pool liquid to some max-
imum depth h;,. This penetration depth is proportional to the jet momentum (see
e.g. Bin, 1993). Although the increase of the ratio dy,/dy results in an increase of
the gas entrainment ratio, the formed dispersion jet does not carry the gas far
beneath the batch surface. Thus the more loaded jet dissipates its energy in the
biphasic region more diffusely and the volumetric mass transfer coefficient and the
gas-holdup are less favourable than with a more coherent plunging jet.

At a first glance it might be a surprise that an increased gas entrainment leads to a
decrease of k;a. However, inside the range of the varied nozzle diameters the
increased momentum can apparently more than compensate the decrease of the
gas entrainment. It should also be noted that with the ABLR the gas entrainment
takes place not only in the reaction mixer but also in the reaction vessel where the
dispersion jet plunges into the reaction solution.
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Regarding the concept of gas entrainment by the jet envelope mechanism it can be
reasonably assumed that the amount of gas entrained by the liquid jet into the
mixing tube decreases with dy — dyy as the jet cross-section approaches that of
the mixing tube, i.e. the momentum of the jet leaving the mixing tube would be
steadily increased. However, with dy = dy; one would get a common plunging lig-
uid jet, a system of rather limited mass transfer performance (Zlokarnik, 1999).
Therefore, it has to be expected that a critical value regarding the ratio dy/dy
exists, at which the gain in jet momentum does not compensate the decreased gas
entrainment, i.e. from a certain point on k; a would start to decrease with dy —
dy;- These considerations are in good agreement with the results by Cramers et al.
(1993) who report that k; a inside a downflow ejector reaches its maximum at gas
entrainment ratios around 1.

5.3.1.2 Influence of the mixing tube length

The mass transfer rate was also influenced significantly by the mixing tube length.
In Fig. 5-9 kj a is plotted versus the mixing tube length I, at otherwise constant test
conditions. The mass transfer rate was highest, if the 22 cm long mixing tube was
installed and decreased with the other two mixing tubes, i.e. there existed an opti-
mum regarding the mixing tube length.
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Fig. 5-9: Influence of the mixing tube length on k; a
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The influence of the mixing tube length on the total gas holdup €, was similar to
the one obtained with the k; a measurements. This is illustrated in Fig. 5-10. A sig-
nificant decrease of €, could be observed, if the 22cm long mixing tube was
replaced by one with a length of 37 cm. However, the differences between the 12
cm and 22 cm mixing tube were not as clear. The 12 cm mixing tube yielded the
highest total gas holdups if the 180° and 270° swirl devices were used. With the
other swirl device configurations the 22 cm mixing tube lead to the highest gas

holdups.
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Fig. 5-10: Influence of the mixing tube length on the total gas holdup €, (eg = 2.8 kW/m?)

The influence of the mixing tube length on kja and the gas holdup can be
explained by taking a closer look at the dispersion process inside the mixing tube.
According to e.g. Witte (1969) or Cramers et al. (1993) the dispersion of the gas
phase takes place in a special region of the mixing tube, the so called mixing
shock zone. This zone is distinguished by a steep and gradual increase of the pres-
sure along its length. At the end of this zone the dispersion process is finished and
the bubble flow regime is established.

If the mixing tube is too short, the momentum transport between the phases is
incomplete, i.e. the gas dispersion cannot be finished properly before the mixing
tube’s end. The result is that not all the entrained gas is carried into the liquid phase
of the reaction vessel by the two-phase jet. On the other hand, if the mixing tube is
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too long the flow of the homogeneous gas-liquid mixture through the remaining
part of the mixing tube results in considerable friction losses and therefore momen-
tum losses of the two-phase jet (Havelka et al., 1997). Additionally the formed bub-
bles may coalesce again and partial phase separation takes place. Again not all the
entrained gas is carried into the bulk liquid and the entrained bubbles are larger
than with a properly dimensioned mixing tube length. Compared to the optimal
mixing tube length the described phenomena always result in lower gas holdups
and lower kj a values.

The starting point of the mixing shock zone depends on the used swirl device. The
higher the swirl device torsion is the earlier the mixing shock region begins. That
is the reason why swirl devices with a torsion of 180° or 270° show the maximal
gas holdup already with the 12 cm long mixing tube.

5.3.1.3 Influence of the swirl device

The dependence of ky a on the installed swirl device is depicted in Fig. 5-11. At oth-
erwise constant operating conditions the mass transfer rate decreased with increas-
ing swirl device torsion. Also the effects of the nozzle diameter and the mixing tube
length were strongly damped with an increasing swirl device torsion.
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A | dy=80mm; Iy=22cm
0.20 - ¢ dy=8.0mm; l,=37cm
A dy=6.2mm; I, =12cm
o 4 O dy=6.2mm; l,=22cm
- ¢ dy=6.2mm; |, =37 cm
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Fig. 5-11: Influence of the swirl device on kj a
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No clear trend regarding the influence of the swirl device on the gas holdup could
be identified (see Fig.5-12). Some reaction mixer configurations showed a
decrease of the gas holdup with increasing swirl device torsion. However, the gas
holdups of other configurations were not significantly influenced or even
increased with increasing swirl device torsion. Additionally the damping of the
differences with increasing swirl device torsion, which occurred with the k;a
measurements, could not be observed.

0.18

A dy=80mm; ly=12cm A dy=62mm; I, =12cm
O dy=80mm; Iy=22cm W dy=62mm; ly,=22cm
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8 - 2]
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010} s A o -

. o | [ ]
0.08 ¢ -
0.06 - . ¢ —

| | I

no swirl device  90° swirl device  180° swirl device 270° swirl device
Fig. 5-12: Influence of the swirl device on the total gas holdup g, (eg = 2.8 kW/m?)

A detailed explanation regarding the influence of the swirl device on the mass
transfer characteristics will be given in Section 5.3.3.

5.3.1.4 First conclusions

In a first conclusion it can be stated that as well the ratio of the nozzle and the
mixing tube diameter as the mixing tube length as the geometry of the swirl
device have a significant influence in the mass transfer characteristics. The high-
est volumetric mass transfer coefficient was obtained with a nozzle diameter of
8 mm, a mixing tube length of 22 cm and the absence of any swirl device.

In order to obtain a more detailed understanding regarding the influence of the
different reaction mixer components on the mass transfer and the overall gas
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holdup the corresponding bubble size distributions were measured in function of
the reaction mixer configuration as well.

5.3.2 Influence of the reaction mixer geometry on the bubble size
distribution

Detailed descriptions of the used procedures for the analysis of the bubble images,
the generation of the bubble size distributions and the computation of the Sauter
mean bubble diameter can be found in Appendix 1 and Appendix 2.

Since the determination of the bubble size distributions was extremely time con-
suming, these measurements were only done for three select reaction mixer config-
urations which showed very different mass transfer characteristics:

* dy = 8.0 mm, l; = 22cm, no swirl device (high k; a)
* dy=6.2mm, lj; =22cm, no swirl device (medium k; a)

* dy=6.2mm, lj; =22cm, 180° swirl device (low kj a)

Photographs taken at different heights from the outside of the reaction vessel
showed no significant differences regarding the bubble sizes. Furthermore the
small primary bubbles, which were formed in the mixing tube, coalesced nearly
instantaneously to larger secondary bubbles once the two phase jet had entered the
liquid in the reaction vessel. With the help of the PVM it was possible to observe
that even in the plunging jet zone (~10 cm below the liquid surface) nearly no
bubbles smaller than 1 mm existed. On the basis of the observations the assump-
tion was made that the bubble size distribution could be regarded as uniform
throughout nearly the entire reaction vessel and, therefore, could be described in
good approximation by measurements made at one single height.

Exemplary bubble images taken from the outside of the reaction vessel at different
power inputs (using the same reaction mixer configuration) are shown in Fig. 5-
13. The visual impression that the differences are rather small can be confirmed
by comparing the computed bubble size distributions and especially the Sauter
bubble diameters, which are relevant for the mass transfer (see Eq. 2-16). This is
illustrated in Fig. 5-14. The bubble size distributions differ only slightly from one
another. The differences between the Sauter mean diameters can be regarded as
not significant.
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PV, = 1.1 KW/m?®

Fig. 5-13: Bubbles at different power inputs (dy = 8.0 mm, ly; = 22 cm, no swirl device).

-1
o [mm ] o [mm

g, [mm

25

i

PN, = 2.3 KW/m

.

= 3.2 KW/m?

0.6 — .
1PNV =1.1kWim

0.4 —

0.2 —: dy, = 4.50 £ 0.25 mm
| | W] M

0.0 - | ! | l | I l | | l
o 1 2 3 4 5 6 7 8 9 10

0.6 — .
4 PV, =2.3KW/m

0.4 — _

0.2 ‘—. d32 = 4-42 *= 0.25 mm

R N N S B B e —
o 1 2 3 4 5 6 7 8 9 10

0.6 — . -
4 PV, = 3.2 kW/m

0.4 —

02 ‘: d32 = 4-42 + 025 mm

001 I ' T T 1
o 1 2 3 4 5 6 7 8 9 10

Bubble diameter dg [mm]

Fig. 5-14: Bubble size distributions at different power inputs; dy = 8.0 mm, Iy = 22 cm, no swirl.
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Similar observations were made, if different reaction mixer configurations were
used. The corresponding bubble images and bubble size distributions can be found
in Fig. 5-15 and Fig. 5-16. Again the bubble size distributions differed only slightly
from one another and the corresponding Sauter mean bubble diameters were nearly
identical.

dy=6.2mm,|,=22cm dy =6.2mm, |, =22cm y=8.0mm, |, =22cm
180° swirl no swirl g no swirl

Fig. 5-15: Bubbles at different reaction mixer configurations (eg = 3.2 kw/m?)
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Fig. 5-16: Bubble size distributions at different reaction mixer configurations

(es = 3.2 kW/m>).

A summary of the measured Sauter mean diameters is given in Table 5-1. In some
cases the measured values of d;, even increased a little with increasing power
inputs, which is very unlikely. Therefore, it was reckoned with an experimental

error of at least approx. £0.25 mm (=5%).

With these results it is apparent that in water and within the range of the varied
parameters the mean bubble size can be regarded as approximately independent of

the reaction mixer configuration and the power input.

eg [kW/m?] 1.1 2.3 3.2
dy = 8.0 mm, Iy = 22 cm, no swirl ?152 ;1(171;)1 ?14_,_? SH;ZI; ?14_5 ;r(lyzr;
dy = 6.2 mm, Iy = 22 cm, no swirl ?1216 ;173 ?1 lj ;?71:")1 ?143 ;no/?;
dy = 6.2 mm, Iy = 22 cm, 180° swirl ?i4i6 5%) ?ff 5%) ?it? o)

Table 5-1: Sauter mean bubble diameters at different operating conditions
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The fact that no significant differences regarding the mean bubble size were
observed might be surprising, but one has to bear in mind that the power input was
not varied within a very broad range and that the experimental error was estimated
to be at least = 5%.

Naturally a change of the mean bubble diameter would have been observed if the
power input had been varied in a wider range as a consequence of the increase of
shear rate and turbulence (see e.g. Bouaifi and Roustan, 1998). However, within
the operating conditions used for this work the change of the bubble size was neg-
ligible and could not be made responsible for the significant differences regarding
the mass transfer of the investigated reaction mixer configurations.

Furthermore, these findings are in good agreement with other published data.
Pawelczyk and Pindur (1999) measured the local bubble size distributions in a jet
reactor (air/water). They found that the local Sauter diameter was rather constant
throughout the reactor and that the effect of the gas- and liquid-flow rate was not
significant. Dutta and Raghavan (1987) observed nearly uniform bubble sizes in
the reaction vessel of a downflow operated loop-reactor with a straight throat
ejector very similar to the ABLR’s reaction mixer. Also Havelka et al. (1997)
reported axially and radially uniform bubble size distributions in an upflow ejec-
tor loop reactor. Bin (1993) has extensively reviewed a large number of studies
carried out on plunging liquid jet systems. For the air/water system he found that
the secondary bubbles were formed very quickly and had diameters of about
4 mm, practically independent of the jet velocity and the nozzle diameter.
Barigou and Greaves (1992) measured the local bubble size distributions in a
stirred tank reactor with the air/water system. At gas holdups > 5.0% they found
that the vast majority of the measured mean Sauter bubble diameters differed less
than 10% from one another, independent of the applied stirring speeds and the loca-
tion of the measurement.

5.3.3 Combination of the present results

In Section 5.3.1 it was shown that the reaction mixer geometry has a significant
impact on the volumetric mass transfer coefficient k; a and the total gas holdup €.
The knowledge regarding the reasons for the observed differences can be deepened
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by combining these results with the findings made in Section 5.3.2 regarding the
mean bubble size.

Since as well the total gas holdup as the Sauter mean bubble diameter are known,
the specific surface area a in the reactor can be calculated with Eq. 2-16. Because
d;, was found to be approximately constant, the specific surface area will be
influenced by the reaction mixer geometry exactly the same way as the total gas
holdup.

By plotting the measured k;j a values versus the calculated specific surface area it
can be determined whether only a is influenced by the reaction mixer configura-
tion. The result is shown in Fig. 5-17. For a clearer illustration of the differences
only the values of reaction mixer configurations with no swirl and the 270° swirl
are depicted.
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Fig. 5-17: ky a vs. a for all reaction mixer configurations without swirl and with the 270° swirl

The following conclusions can be drawn: Not only the specific surface area a but
also the liquid sided mass transfer coefficient k;j is affected by the reaction mixer
configuration. It is also evident that the nozzle diameter and the mixing tube length
have an influence mainly on the specific surface area, while the swirl device has its
main influence on k; .

It should be noted that the points in Fig. 5-17 were obtained at different specific
power inputs. To get an impression regarding its absolute value and its depen-




-89 -

dence on the specific power input k; is plotted versus the specific power input in
Fig. 5-18. Again, due to illustration purposes, this was only done for the no swirl’
and the *270° swirl’ option. The values of the 90° and the 180° swirl device lay
between these two extreme cases.

As before the higher k; values are evident, if no swirl device is used. Also with no
swirl device k; appears to increase with increasing specific power input, while
with the 270° swirl device it stays rather constant. Furthermore, the data of the 270°
swirl device is much less scattered than that with no swirl device. Without any swirl
device the nozzle diameter and the mixing tube length also seem to have some
influence on k; . However, no clear trends referring to this can be found. It should
be pointed out that these findings should only be regarded as estimations because
the calculation of k; is subject to a rather large error of approximately 30%.
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Fig. 5-18: kg, as a function of the specific power input and the swirl device torsion

In order to test the correctness of the order of magnitude of the obtained k; values
they were compared to established correlations based on Kolmogoroff’s theory of
isotropic turbulence.

Lamont and Scott (1970) proposed the following correlation:

0.25
k, = 0.40-(esl) .S¢™? (5-11)
PL

A very similar correlation was published by Kawase and Moo-Young (1990):
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k, = 0301 (esl)o'zs .5¢70 (5-12)
PL

Of the two introduced correlations the one by Lamont and Scott (1970) is in better
agreement with the data obtained without any swirl device!. The corresponding
graphs are also illustrated in Fig. 5-18.

The differences regarding k; can be explained the following way. If no swirl device
is used, apparently a large part of the power put into the reactor at the jet nozzle
dissipates in the liquid phase of the reaction vessel. If a swirl device is used, a cer-
tain part of this power input is lost due to a decrease of the vertical jet momentum,
which results in a reduced mixing intensity in the liquid bulk and, therefore, in
lower k; values. Furthermore, due to the tangential velocity component, the disper-
sion jet spreads faster and the momentum of the jet is distributed over a greater
cross sectional area.

1. Bouaifi and Roustan (1998) calculated k;_ for a stirred tank reactor and also found the

correlation of Lamont and Scott to fit their data better than the one of Kawase and
Moo-Young (1990).
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5.4 Derivation of an empirical model

The objective of this section is the derivation of a model which describes quantita-
tively the effect of the varied parameters on the volumetric mass transfer coeffi-
cient of the ABLR. Since the occurring processes are too complex to be described
by a purely mechanistic model, an empirical model will be derived. This will be
done on the basis of the dimensional analysis.

5.4.1 Dimensional analysis

The dimensional analysis is based on the theory of similarity which states that
physical laws have to be independent of the used units and that they can be written
in a dimensionless form. The I'l-theorem forms the basis for the discussion of phys-
ical relationships in terms of the theory of similarity. It reads:

Every physical relationship between n physical quantities can be reduced to a
relationship between m = n-r mutually independent dimensionless groups,
whereby r stands for the rank of the dimensional matrix, made up of the physical
quantities in question and generally equal to the number of the basic quantities

contained in them. (Zlokarnik, 1991)

One of the advantages of dimensional analysis is that the amount of the dimen-
sionless numbers is smaller than the amount of the quantities contained in them.
Nevertheless, the problem is still described equally comprehensively. Further-
more, the dimensional analysis also enables a reliable scale-up of a desired pro-
cess condition and a deeper understanding of the physical processes occurring in a
system.

5.4.1.1 Listing of all relevant variables

First, all parameters necessary to describe the problem have to be listed. This so-
called ’relevance list’ of the problem consists of the quantity in question (= target
quantity) and of all parameters which have a relevant influence on it. The target
quantity is the only dependent variable. All influencing parameters must be prima-
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rily independent of one another. The target quantity of the sought model is the vol-
umetric mass transfer coefficient kja. For the overall view the parameters
influencing it will be subdivided into geometric, physical and process-related ones.

Geometric parameters: There is not point in overloading the relevance list by list-
ing all geometric parameters. The relevance list is valid only for the specific
geometrical configuration of the used experimental setup (form of the vessel,
diameter of the liquid recirculation pipe etc.). Therefore only the relevant reac-
tion mixer parameters dy;, dys, Iy and the swirl body number Swy, are listed.

Physical parameters: Into this category belong the gas density pg, the liquid den-
sity pr, the surface tension o, the kinematic viscosity of the liquid phase v, the
diffusion coefficient D of the absorbing gas component in the liquid phase and
an indefinite number of physical properties S; which describe the coalescence
behaviour of the material system. According to Zlokarnik (1991) the viscosity
of the gas phase has no relevance with common gas-liquid contacting pro-
cesses.

Process-related parameters: Due to the results obtained in Section 5.1 and
Section 5.2 it is possible to replace the liquid recirculation rate Qy , the dynamic
pressure difference before the nozzle Apy and the liquid batch volume Vi by
one single intermediate quantity, the specific power input eg. The gravitational

acceleration g is also decidedly relevant since large density differences occur!,

It should be noted that the gas entrainment rate Qg or the gas holdups &, and €g
must not be included into the above relevance list since they are directly influ-
enced by the above parameters and cannot be adjusted independently.

The relevance list for the gas-liquid contacting described in this chapter contains
13 parameters.

{ky a;d5dygs Iy SWeiPL.P Gy VL, 0,D, S;5eq.8 1 (5-13)

1. Actually gAp with Ap=p; —pg should be used here, but the corresponding dimension-
less number would contain gAp/p; =gp; /pr.=8-
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5.4.1.2 Determination of the dimensionless numbers

The dimensionless numbers can be generated with the help of the dimensional
matrix (Zlokarnik, 1991). All physical quantities are expressed by their basic units
(here mass [kg], length [m] and time [s]) and their exponents are listed in the
dimensional matrix. The rank of the dimensional matrix for the above relevance
list is 3, i.e. the problem can be described by 13-3=10 dimensionless numbers.
The used dimensional matrix is shown in Table 5-2.

oL VL g kia es c dy
mass M 1 0 0 0 1 1 0
length L -3 0 0 -1
time T 0 -1 -2 -1 -2 -3 0

core matrix

residual matrix

Table 5-2: Setting-up of the dimensional matrix

The dimensional matrix is composed of a core and a residual matrix. The residual
matrix contains those elements of the relevance list which are later to occur indi-
vidually in the numerators of the dimensionless numbers, where the core matrix is
formed of quantities which are later permitted to occur in all the dimensionless
numbers.

Parameters which are already dimensionless (Swy},) or which result in obvious num-
bers such as pg/pr or vy /D are not included in the dimensional matrix. S; are phys-
ical properties of unknown dimension and number. However, this is no problem
since, with the known relevant physical properties py, Vi, 0, one will always be
able to transform S; to the dimensionless numbers Si* (Zlokarnik, 1991). Since dy;,
dy and 1y all have the same dimension only one of these parameters has to be
included in the matrix.

Now the core matrix is transformed into a unity matrix by the application of the
Gaussian algorithm (zero-free main diagonal, only zeroes below) and further lin-
ear transformations. The result is shown in Table 5-3.
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PL VL g kja es c dy
mass M 1 0 0 1 1 0
length L 0 0 -1/3 1/3 4/3 2/3
time T 0 1 2/3 4/3 1/3 -1/3

unity matrix

residual matrix

Table 5-3: Transformation of the core matrix into a unity matrix

The dimensionless numbers can now be derived according to the following rule:

Each physical quantity in the residual matrix occurs in the numerator of a fraction

whose denominator is formed from the physical quantities in the unit matrix. The

residual matrix determines the exponents on the properties occurring in the denom-

inator.
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(5-16)

(5-18)

(5-20)

(5-22)

eg .
H2 = ——WECS (5-15)
pr(vig)
1/3
I, = dy-| £ (5-17)
v/
g 1/3
H6 = lM' = (5-19)
v/
p
I, = p_G (5-23)
L

It can be seen that with the Morton number Mo (=IT;>) and the Schmidt number Sc
(=I1;) two classic dimensionless numbers for the characterization of the physical

properties with gas-liquid systems were derived. The numbers I14 and Il contain

as well geometric as physical quantities. Therefore, in order to make these numbers
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more meaningful, they are reshaped into forms which contain geometric parame-

ters only.
= = = — ; — =1l = — (5-24)
I ‘ dy I ¢ dy

For the description of volumetric mass transfer coefficient k; a in the ABLR the
compiled set of dimensionless numbers produces the relationship:

r(kLa* ,eg » Mo, Sc, P Swy, I, d—N, lﬂ, s’f‘) =0 (5-25)
PL dy dy

However, all measurements discussed in this chapter were obtained with the air/

water system, i.e. all physical properties were kept constant. Also the mixing tube

diameter dy; was not varied. Therefore, the dimensionless numbers Mo, Sc, PG/,

Si* and I15 can be excluded from Eq. 5-25 since they are all constant. The reduced

set of the dimensionless numbers produces the relationship:

- dy 1
f(kLa ,eq , Swy, ﬁ, ﬁ) =0 (5-26)

The relationship given in Eq. 5-26 is the maximum that can be derived with the
dimensional analysis. The dimensional analysis cannot provide any information
regarding the form of the function f. This information can only be derived from
experimental results.
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5.4.2 Regression analysis

The objective of this section is the derivation of a relationship which describes ade-
quately the connection between the target quantity kLa* and its influencing param-
eters, i.e. the function fin Eq. 5-26 has to be found.

5.4.2.1 Power law approach

For a first approach the regression will be carried out on the basis of a power law
function of the following form:

£,
Y = f] 1% (5-27)
1

Y stands for the dimensionless target quantity, X; for the dimensionless influencing
parameters. By means of the exponent f; it can be easily recognized how strongly
the corresponding influencing parameter X, affects the target quantity. However,
the above approach causes problems, if at least one X can take the value Zero with-
outresulting also in Y=0. This is exactly the case with the swirl body number Swy,.
To avoid this problem not Swy, but the term exp(Swy,) was used with the above
equation.

The actual calculation of the model parameters fj; and f; was carried out by taking
the logarithm of Eq. 5-27. This way a robust linear regression could be applied.

logY = logf,+ Zfi logX, (5-28)

1

The result of the regression (R? = 0.90) is shown in Eq. 5-29.

ka = L1ax10™ (el ) e 0. (gﬁ)o'sg : Gﬂ)_mg (5-29)
M M
A comparison between the derived correlation and the experimental results is
shown in Fig. 5-19. For kLa* > 2.5x107* rather large deviations can be observed.
Especially the k; a values obtained with the 22 cm long mixing tube are generally
underestimated by Eq. 5-29.




-97.

710 Mixing tube length -
s e .
6 o 22cm A v -~ N
o 37cm A‘ e -7
5k Phd _-20% _|
A P v P
v rd
— A A P vv v -7
1 4 [ i < P - =
’l-—a A* ‘oo ?) v
(U-J A A 4 Lvilkd
x 3 - A’ 6’ - -
A - 4 $§Wv° v
2+ , —
N Ws
1k -
P
o 1 I 1 I 1 l 1 I 1 I 1 I 1
0 1.0 2.0 3.0 4.0 5.0 6.0 7.0x10™

Equation 5-29

Fig. 5-19: Comparison between Eq. 5-29 and the experimental results

It is evident that the proposed model has to be further refined in order to improve
its quality. This will be done in the next section.

5.4.2.2 Derivation of a refined model

The reason for the rather large deviations between the correlation and the measured
data can be explained by comparing the influence of the mixing tube length in
Eq. 5-29 with the experimental results shown in Fig. 5-9. It is apparent that a power
law approach is not very suited to describe the influence of 1. With Eq. 5-29 an
increase of the mixing tube length always results in a decrease of k; a which is not
true for the measured values.

Based on the experimental results in Fig. 5-9 is was decided that a polynomic
approach would describe the influence of the mixing tube (at otherwise constant
conditions) more precisely:

1M 1M 1M 2
const. g(q) = go*%m) *gZ(a) =30

Instead of the ratio 1)4/dy, the function g was used with Eq. 5-28 and the regression

%k
kLa

was carried out again. The following model equation was obtained (R? = 0.94):
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ki a = 5.7x107

| 1 Lo N2
with g(ﬂ) = 0.58 + o.om(ﬂ) - o.ooz(ﬂ)

dm

dym

dy dym

« 093 =257 -Sw, dN 1.01
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1M
M

))0.82 (531

A comparison between the derived model equation and the experimental values is

shown in Fig. 5-20. The correlation describes the measurements sufficiently well.

The systematic deviations regarding the influence of the mixing tube length could

be eliminated.
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Fig. 5-20: Comparison between Eq. 5-31 and the experimental results

Equation 5-31
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It should be noted that the proposed model is valid only inside the experimentally

varied parameter range. This applies particularly for the ratio between the nozzle
and the mixing tube diameter. With dy/dy; — 1 a decrease of k; a has to be expected

(see Section 5.3.1.1) and Eq. 5-31 would no longer describe the system properly.
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5.5 Conclusions

In this chapter the influence of different process parameters on the mass transfer
characteristics of the ABLR has been discussed for the air/water system.

By the variation of as well the power input as the liquid batch volume it was pos-
sible to prove that the volumetric mass transfer coefficient kj a is an approx. linear
function of the specific power input (at otherwise constant conditions) and that the
gas-liquid mixing can be described with the theory of isotropic turbulence.
Furthermore, it was found that the contribution of the reaction mixer volume to the
overall mass transfer rate can be neglected which is a significant difference com-
pared to common ejector loop reactors.

It was also shown that the reaction mixer geometry has a significant influence on
the mass transfer characteristics. An increase of the nozzle diameter dy (or better
the ratio dy/dyy) leads to an increase of kj a due to an increase of the momentum
of the dispersion jet charging from the mixing tube. Regarding the mixing tube
length an optimum could be identified. If the mixing tube is too short, the mixing
shock cannot be finished properly. If it is too long, increased friction forces and
phase separation result in a decrease of k; a. An increase of swirl device torsion
leads to the decrease of k; a which can be mainly put down to a decrease of the
liquid sided mass transfer coefficient kj .

The optimum of the varied reaction mixer geometries was found to have the fol-
lowing dimensions: Nozzle diameter = 8.0 mm (dy,/dy = 1.5), mixing tube length
= 22 c¢m, no swirl device.

On the basis of the dimensional analysis an empirical model was derived for the
quantitative description of the made observations.
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6 Influence of the liquid properties
(at ambient pressure)

This chapter will deal mainly with the influence of added electrolytes on the mass
transfer characteristics of the ABLR. The performance of different reaction mixer
geometries with a strongly coalescence hindered model system will be discussed
and compared to the results obtained with the air/water system. At the end of this
chapter the influence of the liquid viscosity on k; a will be illustrated briefly and a
summary of the made conclusions will be given.

6.1 Influence of added electrolytes

In Section 1.3.3 it has already been mentioned that the addition of electrolytes to
pure water leads to a strong hindrance of the bubble coalescence. This will gener-
ally lead to a significant decrease of the mean bubble size and, therefore, to an
increase of the gas holdup and the volumetric mass transfer coefficient. The model
electrolyte system used for this work was a 0.25 M Na,SOy-solution. As with the
air/water system the mass transfer characteristics of all 24 reaction mixer geome-
tries were also measured with this system.

Again it should be noted that the volumetric mass transfer coefficients and the total
gas holdups of all the 24 possible reaction mixer geometries were measured and
that only some extracts of the measured data will be used for a more comprehensive
illustration of the results. The complete set of data can be found in Appendix 4.
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6.1.1 Influence on kya and &

In Fig. 6-1 measurements of k; a, valid for an exemplary reaction mixer configura-
tion, are plotted versus the specific power input eg. Also included are the corre-
sponding values obtained with pure water and the experimental errors of both
systems. Three conclusions can be immediately drawn from this figure:

» kjais increased significantly by the addition of electrolytes (in this case by a
factor of approx. 5-6).

* As with the air/water system kj a increases rather linearly with an increasing
specific power input eg.

* Due to the much larger experimental error (see Section 3.1.4.3) the data
obtained with the electrolyte solution are much more scattered.

2.0

dy =6.2mm, |, = 22cm, 90° swirl device
¢ 0.25MNa,SO,
<O  water

1.5 -

H{”H:

kals']

[o3
& N © °
| | | | | | |
0.0 0.5 1.0 1.5 2.0 3 2.5 3.0 3.5 4.0
eg [kKW/m’]

Fig. 6-1: kpa in a 0.25 M Na,SOy4-solution and water for a select reaction mixer geometry

The enhancement of k; a caused by the addition of the sodium sulfate compared to
pure water can be described by the help of the so-called m-factor (Zlokarnik,
1979a). It is defined as follows

(kLa)solution

m

(6-1)
(kLa)pure water
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The enhancement factor m is a function of the reactor geometry, the type of elec-
trolyte and its concentration. However, since the last two quantities were kept con-
stant in this work, m is only a function of the reactor geometry.

The fact that m can have quite different values with different reactor geometries is
illustrated in Fig. 6-2. Here the k; a values of three select reaction mixer configu-
rations which performed very differently with the air/water system are compared.
It is evident that m is not constant. With *’Conf. a’ m ranges between 4-5, while
with *Conf. ¢’ m is approx. twice as large.

2.0
Iy=22cm Water 0.25 M Na,SO,
1.8 Conf. a) d,=8.0mm, no swirl A A -
1 Conf. b) dy=6.2mm, no swirl (m] | .
| Cont. ¢) d=6.2mm, 180° swirl o .
1.4 -
24y '
©, ’ A
< 08 = -
- L J -
0.6 A
0.4 - —
A
0.2 A A gt DO o o -
0 L sy 8y 4 ) ° | 1 ! I
00 05 1.0 15 20 25 30 35 40 45 50 5.5

eg [kW/m’]

Fig. 6-2: ki a in water and in a 0.25 M Na,SOy-solution with different reaction mixers

From the above plot a further conclusion can be drawn. With the 0.25 M Na,SO-
solution the performance of the different reaction mixer configurations is quite
similar. Eventual differences regarding k; a are well inside the experimental error
range and, therefore, not significant. With coalescence hindered solutions kj a is
apparently much less influenced by the reaction mixer configuration than it is the
case with pure water.

This reduction of the influence of the reaction mixer geometry and the simulta-
neous increase of the experimental error result in the problem that many of the
measured differences regarding k; a cannot be regarded as significant. Therefore, a
detailed discussion regarding the influence of the separate reaction mixer compo-
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nents, as it was done with the air/water system, is not possible. At best some trends
can be identified.

In Fig. 6-3 the measured k; a values of all tested reaction mixer geometries are
summarized. It can be seen that the relative difference between the best and the
worst performing reaction mixer geometry is much smaller than it was the case
with the air/water system. There are some exceptions but the trends that were iden-
tified with the air/water system apply also with the coalescence hindered solution.
Reaction mixer configurations with the larger nozzle diameter, a mixing tube of
medium length and without any swirl device tend to show the higher mass transfer
rates. However, again it has be stressed that most differences are not significant due
to the large experimental error.

24 dy 6.2 8.0 mm —
52 Swirl device ;I 12 22 37 12 22 37 cm
’ no O m # B B X
20 90° A A A vV v V¥ —
180° o - o 0 ¢+ ¢
1.8] 270° 4 N 3 vy W v —
1.6 X - —
4
- 14 * ‘ & A
o, Ap o M
g_l 1.2 Al A %f BAQ -
1.0 ; O\ N o < |
H A
0.8} o » 2‘] Vemg v _
<
0.6 R g H < .
0.4 A
' g
02+ -
0 ] | | | ] | 1
0 1 2 3 4 5 6 7
3
eg [kW/m’]

Fig. 6-3: Influence of the reaction mixer geometry on k; a (in a 0.25 M Na,SOy-solution)

The measurement of the gas holdup €, was also subject to an increased experi-
mental error. The addition of the sodium sulfate caused the formation of a foam
layer above the actual level of the aerated solution. It was often very difficult to
determine the exact boundary between the foam and the actual dispersion. There-
fore, it has to be reckoned with a much larger experimental error compared to the
measurements with pure water.
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Compared to pure water the gas holdup is nearly doubled by the electrolyte addi-
tion. This is shown for some select reaction mixer geometries in Fig. 6-4. As with
k; a the relative differences regarding €, are smaller than with pure water.

0.45
ly=22cm: Water 0.25 M Na,SO,
0.40 | dn=8.0mm, no swirl A A - -
dp=6.2mm, no swirl < . -
0.35{ dy=6.2mm, 180° swirl O [ | ] —
0.30 |- R -
ou
N 0.25 A = —
= .
& 020f A m -
| |
A <
|- ] -
0.15 A A o o
< O
0.10 |- A a —
a B
|— A —]
0.05 o )
0 1 l 1 ] 1 ] 1 ] i I 1 ]
0.0 1.0 2.0 3.0 4.0 5.0 6.0
3
eg [kW/m’]

Fig. 6-4: g, in water and in a 0.25 M Na,SOy-solution with different reaction mixers

Regarding the influence of the reaction mixer configuration on €, the same trends
that were observed with kj a seem to apply. Again the reaction mixer configura-
tions with the larger nozzle diameter, a mixing tube of medium length and without
any swirl device tend to result in the higher values. But also here the quality of the
data does not allow any clear conclusion.

6.1.2 Influence on the bubble size

The bubble sizes are much smaller with the coalescence hindered solution than
with the air/water system. An example is shown in Fig. 6-5. On the left side the
bubble size distribution valid for the air/water system is shown. On the right side
the corresponding bubble size distribution with the sodium sulfate solution is
depicted. It can be seen that the bubble size is reduced by a factor of approx. 10. In
order to illustrate these observations two images of the above example are shown
in Fig. 6-6.
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Fig. 6-5: Characteristic bubble size distributions in water and in the 0.25 M Na,SOy-solution
(dy = 6.2 mm, ly; = 22 cm, no swirl device; eg = 2.3 kW/m3)

Fig. 6-6: Exemplary bubble images: left: water (image size: 32 x 16 mm)
right: 0.25 M Na,SOy (image size: 1.76 x 1.32 mm)

In contrast to the air/water system, where the bubbles coalesced very quickly, it
was possible with the electrolyte solution to distinguish zones of different bubble
size distributions. This is illustrated in Fig. 6-8 for a select reaction mixer geome-
try. Two examples of the corresponding PVM-images are shown in Fig. 6-9.
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Fig. 6-8: Bubble size distributions in two different zones of the reaction vessel
(dy = 8.0 mm, ly; = 22 cm, no swirl device; eg = 3.6 kW/m?)

Fig. 6-9: Bubble swarms in the plunging zone (left) and near the reactor wall (right)

The bubble size distribution on the left side was obtained in the centre of the vessel
approx. 15 cm below the plunging point of the dispersion jet. The majority of the
bubbles has diameters well below 400 um. These bubbles represent the primary
bubbles which are formed in the mixing tube. The bubble size distribution on the
right side was measured near the reactor wall where the turbulence is lower than in
the centre. Here the average bubble diameter is approximately twice as high com-
pared to the centre region. However, it should be pointed out that the volume of the
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plunging jet zone is estimated to be much smaller (~ factor 10-20) than the remain-
ing ’annular’ volume, i.e. the main contribution to the mass transfer still comes
from ’near-wall’-type bubbles. Therefore, distributions measured near the reactor
wall were used to determine the overall Sauter bubble diameter. This way it is also
guaranteed that later estimations of the specific surface area were conservative.
As with the air/water system no significant differences regarding the reaction
mixer geometry were observed. This applies as well for the plunging jet zone as for
the ‘near-wall’ zone.

On the basis of these observations it can be concluded that the tested reaction mixer
geometries produce primary bubbles of rather equal size. The performance of gas-
liquid reactors with coalescence hindered solutions is, according to Zlokarnik
(1979a,b), determined by the size of these formed primary bubbles. Therefore, it is
not very surprising that it was difficult to identify any significant differences
regarding the performance of the tested reaction mixer geometries.

6.1.3 Additional remarks

A separate calculation of the specific surface area a and the liquid sided mass trans-
fer coefficient k; was renounced in this chapter due to the large experimental errors
occurring with the coalescence hindered solution. Instead, an estimation of the
order of magnitude of these quantities will be given. With an average Sauter bubble
diameter of ~700 um and a gas holdup between 0.15-0.40 a specific surface area
in the range of ~1500-6000 m™! results. By comparing this estimation with the val-
ues given in Fig. 5-17 it can be concluded that the specific surface area is increased
by a factor of ~20 compared to the air/water system. Since k; a is only increased by
a factor of 5-10 it can be assumed that the liquid sided mass transfer coefficient is
2-4 times smaller than in pure water.

With the available data it was not possible to derive a sufficiently accurate design
correlation for the description of k; a with the sodium sulfate solution. A model
approach, similar to the one presented in the previous chapter, that took into con-
sideration as well the influence of eg™ as of all the three geometric parameters was
not able to increase the accuracy compared to a model considering es* only. This
can be regarded as another indication of the rather large experimental error and
the decrease of the relative differences due to equally sized primary bubbles.
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6.2 Influence of the liquid viscosity

With one select reaction mixer geometry (dy = 6.2 mm, ly; = 22 cm, 90° swirl
device) the influence of the liquid viscosity on kj a was investigated. Glucose solu-
tions of different concentrations were used as a model system with Newtonian
behaviour (see also Section 4.1.2). The obtained results are illustrated in Fig. 6-10.
As expected the volumetric mass transfer coefficient decreases with an increasing
liquid viscosity. The increased viscosity also leads to a lessening of the relative dif-
ferences regarding the influence of the specific power input. However, it is not
clear whether this can be attributed to a physical phenomenon or to an increased
experimental error, since the liquid phase cannot be regarded as perfectly mixed

anymore.
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Fig. 6-10: Influence of the liquid viscosity on k; a

The obtained results regarding the effect of the liquid viscosity on the mass transfer
are in good agreement with the work of other authors. Terasaka and Hideki (1991)
measured the mass transfer characteristics in a bubble column at different viscosi-
ties (1-109 mPas) using glycerol/water solutions. At 109 mPas they observed a
decrease of kj a by a factor of approx. 10 compared to measurements valid with
pure water. Sedelies et al. (1987) investigated the influence of the viscosity on the
volumetric surface area a of several reactor types by using different non-Newto-
nian CMC-solutions. With a bubble column they observed a decrease by a factor
of approx. 10 at 100 mPas. Stein and Schifer (1984) report also a decrease by a fac-
tor of 10 in CMC solutions at 95 mPas.
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6.3 Conclusions

In this chapter the influence of the liquid properties was discussed. The focus was
set particularly on the influence of electrolytes added to the liquid phase which
cause a hindrance of the bubble coalescence.

In these electrolyte solutions the average bubble size was by a factor of ~10 smaller
than with pure water. This led to a strong increase of both k; a and the gas holdup.
It was found that the relative differences regarding the performance of the tested
reaction mixer geometries were much smaller than with water. Due to this fact and
the higher experimental error it was not possible to identify any distinct trends
regarding the reaction mixer influence or to derive a proper design correlation.
Measurements of the local bubble size distributions have shown that the size of the
primary bubbles was not strongly influenced by the reaction mixer geometry,
which explains the rather small relative differences regarding the kj a measure-
ments. With all reaction mixer configurations the Sauter bubble diameter equaled
~700 wm and the specific surface area a was estimated to range between 1500 and
6000 m™!.

The influence of the liquid viscosity on kja was also discussed briefly. As
expected the mass transfer rate decreased with an increasing liquid viscosity. The
measurements are in good agreement with the literature.
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7  Results at elevated pressures

This chapter deals with the influence of the system pressure and the gas type on the
mass transfer characteristics of the ABLR. These two quantities have an effect only
on the physical properties of the gas phase, especially on the gas density. The liquid
properties can be regarded as constant for the pressures and the gas types that were
used 1in this work.

In the first part of this chapter the results that were obtained with the in Chapter 4
described experimental setup will be discussed. With these experiments the system
pressure was varied between 1-10 bar. The second part describes additional mea-
surements that were carried out with a full scale pilot plant at pressures between
10-80 bar. Finally the made conclusions will be summarized.

7.1 Measurements between 1-10 bar

First, the influence of the pressure and the gas type on the bubble size distribution
will be described. Following, the same will be done for the volumetric mass trans-
fer coefficient and the gas holdup. A comparison between the pressure step tech-
nique and the hydrazine feeding method will also be presented. At the end of this
section it will be discussed how the in Chapter 5 proposed design correlation
should be extended in order to incorporate effects of the gas properties.

The measurements were carried out with the same three reaction mixer configura-
tions which have already been employed for the bubble size measurements at ambi-
ent pressure (see Chapter 5). Tap water was used for all the experiments.
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7.1.1 Influence of the system pressure and the gas type on the bubble size
distribution

The bubble size distributions were measured for the gases helium, nitrogen, argon
and sulfurhexafluoride at select pressures between 1-10 bar.

It was found that neither the reaction mixer geometry nor eq had any significant
influence of the Sauter bubble diameter, if the pressure was kept constant and the
same gas type was used. This confirms the observations which were made in
Section 5.3.2.

The above findings are illustrated by means of two examples: Fig. 7-1 shows bub-
ble size distributions valid for a select reaction mixer configuration with argon at
7 bar (pg=11.2 kg/m3) as a function of the specific power input eg. Fig. 7-2 shows
the bubble size distributions obtained with helium at 1 bar (pg =0.16 kg/m3) with
the tested reaction mixer configurations.
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0.0 T j ) j ! T T T T 1
o 1 2 3 4 5 6 7 8 9 10
08_ 3
o] es=23KWm
E 04
E 0 dy, = 3.24 0,17 mm
® 02
0.0 T ! | p— T !
o 1 2 3 4 5 6 7 8 9 10
0.8 .
— eg =3.2kW/m
- 0.6 —
E 04
.E. : ds, =3.40 £ 0.17 mm
= 02
0.0 T 1 1 T T T T T 1
o 1 2 3 4 5 6 7 8 9 10

Bubble diameter dg [mm]

Fig. 7-1: Bubble size distributions at different specific power inputs
(Argon, 7 bar, pg=11.2 kg/m3; dpn=8.0mm, ,4,=22 cm, no swirl)
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Fig. 7-2: Bubble size distributions at different reaction mixer configurations
(Helium, 1 bar, pg = 0.16 kg/m>; eg=2.3 kW/m?)

On the other hand it was found that as well the system pressure as the gas type
have a significant influence on the bubble size. With increasing pressure and
molecular weight of the gas component the Sauter bubble diameter decreases and
the bubble size distribution becomes more narrow. It will be shown later (see
Fig. 7-5) that the observed differences can be attributed fully to the influence of
the gas density. One example regarding the influence of the system pressure is
shown in Fig. 7-3, another one regarding the influence of the gas type in Fig. 7-4.
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Fig. 7-3: Bubble size distributions with nitrogen at different pressures
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Fig. 7-4: Bubble size distributions with different gas types at 1 bar

A summary of the measured Sauter bubble diameters is given in Table 7-1. As
with the measurements at ambient pressure it had to be reckoned with an experi-

mental error of approximately 5%.

dy = 8.0 mm, dy = 6.2 mm, dy = 6.2 mm,
Iy =22 cm, Iy =22 cm, v =22 cm,
no swirl no swirl 180° swirl
vl [kg";ﬁ dsy (1 £5%) [mm]
He 1.0 0.16 5.14 5.14 5.22
He 7.0 1.12 4.81 4.54 4.77
N, 1.0 1.13 442 4.42 4.40
Ar 1.0 1.61 4.14 4.07 4.03
Ar 7.0 11.27 3.40 3.23 3.47
SFg 1.9 11.25 3.72 3.66 3.52

Table 7-1: dj, at different pressures, gas types and reaction mixer configurations
(es=2.3 kW/m?)
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In Fig. 7-5 the values of Table 7-1 are plotted versus the gas density. A strong cor-
relation between the gas density and the Sauter bubble diameter can be identified.
The Sauter bubble diameter decreases with increasing gas density, i.e. the influence
of the system pressure and the gas type can be fully attributed to changes of the gas
density. In other words: If different gas types of the same density are used, compa-
rable bubble size distributions and Sauter diameters are obtained.
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Fig. 7-5: d3; versus the gas density

The above findings will be illustrated by some exemplary bubble images. Fig. 7-6
shows some bubble images which were obtained with gases of different type and
density. Significant differences regarding the bubble size can be easily recog-
nized. Bubble images valid for gases of different type but equal density are shown
in Fig. 7-7. Here the bubbles look alike.
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Fig. 7-7: Bubble images with different gas types but the same gas density
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Based on the data in Table 7-1 an empirical correlation can be derived for the
description of the gas density influence on the Sauter bubble diameter. This will
again be done in a dimensionless form and the content of section 5.4.1 will serve
as basis for the following steps.

The target quantity is dy,. The measurements have shown that the bubble diameter
was not influenced significantly by the reaction mixer geometry or the specific
power input (within the varied parameter range). Therefore, no parameters describ-
ing the reaction mixer geometry are included in the relevance list. It can also be
assumed that the diffusion coefficient D has no relevance for the bubble formation.
The resulting relevance list is given by

{d32,01.,PG:VL,0:5;,8} (7-1)

and the corresponding dimensionless numbers can be determined with the dimen-
sional matrix. Since the liquid properties can be regarded as constant for pressures
between 1-10 bar the following relationship applies:

173
PG
4. .| &7 = fPe 7-2)
32 (V?J f(pL) (

For the regression analysis a power law approach is used (see Eq.5-27). The fol-
lowing formula is obtained (R? = 0.91):

173 -0.1
dy | 5| =505 (p—G) (7-3)
v PL

In order to accentuate the influence of the pressure on ds, the above correlation can
be rewritten by applying the ideal gas law!:

; g 1/3 s0s ( M, )wo.l 74
32 V2 = JU RTp, P

Once more it should be pointed out that the derived model is valid only with tap
water and inside the varied parameter range. Especially if the specific power input

would be varied inside a broader range than done in this work, the correlation
would have to be extended by an energy term.

1. Of course this should only be done, if the used gas phase can be described by this law.
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7.1.2 Influence of the system pressure and the gas type on the gas holdup
and kya

In the previous section if was found that the mean bubble size decreases with
increasing gas density. It can be expected that this will also have an effect on the
gas holdup and the volumetric mass transfer coefficient.

In Fig. 7-8 and Fig. 7-9 the mass transfer performances of two select reaction mixer
configurations are shown in dependence of the gas density and the specific power
input. Its is evident that k; a is increased slightly with increasing gas densities.
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Fig. 7-8: Influence of pg on kp a (dn=6.2mm, ly,=22cm, 180° swirl device)
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Fig. 7-9: Influence of pg on kp a (dN=6.2mm, ly(=22cm, no swirl device)




- 118 -

An example regarding the effect of the gas density on the gas holdup is illustrated
Fig. 7-10. Here also an increase of g, could be observed with an increasing gas
density. The increase is rather steep at low gas densities and flattens at higher gas

densities.
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Fig. 7-10: Influence of pg on &,y (dN=6.2mm, l;=22cm, no swirl device)

Wilkinson (1991) has reviewed the influence of the gas density on the gas holdup
in bubble columns and found:

0.15-0.19
€c > P (7-5)
The measured data in Fig. 7-10 show a similar dependency. Obviously, the above
relationship applies not only to bubble columns but also to the ABLR.

7.1.3 Comparison between the pressure step technique and the
hydrazine feeding method

Since two different techniques for the k; a measurement were applied during this
work, it is obvious to compare the obtained data with each other. This was done for
helium at 7.2 bar which has the same density as air at ambient pressure. Due to the
findings in the previous chapter these two systems are equivalent in terms of the
gas density and should lead to identical k; a values.
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The comparison valid for the three tested reaction mixer configurations is shown
in Fig. 7-11. If ky a is low (< 0.1 s the two measuring techniques are in good
agreement. However, at higher mass transfer rates (kya > 0.1 s the pressure step
data is always significantly lower than the hydrazine feeding datal. Also, the devi-
ations between the two techniques increase with increasing kj a values.
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dy = 6.2 mm, no swirl - *
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Fig. 7-11: Pressure step technique in comparison to the hydrazine feeding method

The reasons for these deviations lie most probably with the pressure step technique.
Apparently, as with coalescence hindered solutions (see Chapter 3.1.5), the start-
up period at the beginning of a measurement cannot be neglected even in water. If
kais>0.1 sta large part of the gas has already been absorbed before steady-state
hydrodynamic conditions are reached. Since the gas holdup is lower during the
start-up period than at steady-state conditions the measured volumetric mass trans-
fer coefficients are too small.

As a consequence it can be concluded that the pressure step method provides val-
ues that are too low if kjais > 0.1 sL. Correct absolute measurements cannot be
obtained with this technique for the ABLR. However, the technique seems to pre-
serve relative differences, i.e. the measured kj a values still increase with increas-

1. Theoretically the opposite should apply, i.e. it had to be expected that the measure-
ments with the helium would give the somewhat higher kj a values since its diffusion

coefficient is higher than the one of oxygen.
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ing power inputs (although not linearly) and the ranking of different reaction
mixer geometries regarding their mass transfer performance is preserved. This
implies that at least some trends and relative differences can still be identified
with the pressure step technique.

However, for future works a more reliable technique should be applied to measure
k; a with the ABLR at elevated pressures.

7.1.4 Extension of the in Chapter 5.4 derived design correlation

In the previous section it has been shown that the pressure step technique does not
provide correct absolute values if kya > 0.1 s1 Asa consequence a large part of
the experimental data at issue is subject to significant systematic errors (see Fig. 7-
11). Evidently, under these circumstances it will not be possible to derive a design
correlation that gives a correct description of the mass transfer in the ABLR. There-
fore, in this section only a description will be given on how Eq. 5-31 should be
extended in order to include the influence of the gas properties.

Since kj a is the target quantity the same relevance list and, therefore, the same
dimensionless numbers can be used that were determined already in Section 5.4.1.
The liquid phase properties are generally not influenced by the gas phase and the
dimensionless numbers Mo, IT5 and S;" can be excluded from Eq. 5-25. The
reduced set of dimensionless numbers produces the relationship

f(kLa el . Sc, ‘;G Sw, 211:14 (11“;) = 0 (7-6)
It is seen that the consideration of the gas phase properties leads to the addition of
two more dimensionless numbers compared to the model for ambient pressure (Eq.
5-26), the Schmidt number Sc and density ratio of the two phases pg/py .. The influ-
ence of the specific power input and the reaction mixer geometry can be regarded
as given from the experiments at ambient pressure. If a power law approach is used
for the two new numbers the following formula is obtained

« . dy 1 b
a = bO-h{eS,wa, aﬁ,dﬂ} (fﬂ .Sc’ 7-7)
M "M L

with the function h{..} = Eq. 5-31.
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With Eq. 7-7 the basis for a following regression analysis is given.

If only the gas properties are changed Eq. 7-7 can be simplified to:

) b b
kja o< (p—G) .Sc * (7-8)
PL

A rough estimation regarding the two exponents b; and b, can be obtained by
combining some of the previous results. In a first approximation it can be assumed
that k; is primarily affected by the diffusion coefficient, i.e. Sc, and that the gas
density influences mainly the specific surface area a. Hence it follows:

b2
k; o Sc (7-9)

6gg p(})b'
a=— 9 oS 7-10)
djp - (1-¢€g) (pL (

According to the correlations of Lamont and Scott (1970) and Kawase and Moo-
Young (1990) given in Section 5.3.3 it follows that b, = -0.5. Regarding the influ-
ence of the gas density on the bubble size it was found that d5, o< pG'O'1 (see Eq. 7-
4). And with the help of Fig. 7-10 it follows that €5 = pg’-!”. By inserting these
findings in Eq. 7-10 it follows that b; = 0.25. Thus, the influence of the gas density
can be estimated by the following formula:

0.25
k a o (89) .8¢™*? (7-11)




-122 -

7.2 Measurements between 10-80 bar

With the experimental facility constructed for this work the maximum pressure was
limited to 10 bar. Thus, the observable changes of k; a were rather small and not
always significant. To be on the save side and to confirm the results obtained
between 1-10 bar it would be desirable to carry out measurements inside a broader
pressure range. Therefore, further experiments were conducted with another pilot
scale reactor which allowed pressures up to 80 bar. This pilot plant was located at
the testing facilities of Kvaerner Process Technology (SWITZERLAND) AG in Prat-
teln, Switzerland.

The system nitrogen/water and a liquid batch size of 50 liters were used for these
measurements. The obtained results are shown in Fig. 7-12. In spite of the rather
large errors (see section 7.1.3) a significant increase on k;j a with increasing pres-
sure (i.e. gas density) can be observed. At 80 bar the mass transfer performance is
by a factor of 2-3 higher than at ambient pressure. Again it should be pointed that
the absolute kja values in Fig. 7-12 are probably not correct since they were
obtained with the pressure step technique.
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Fig. 7-12: Influence of the pressure on kj a between 10-80 bar

Unfortunately, it was not possible to determine the gas holdup or the bubble size
distributions with the high pressure pilot plant due to technical restrictions.
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Although Eq. 7-3 was derived at different conditions and with another reactor it
still can be used to give a rough estimation of the Sauter bubble diameter. At 80 bar
the nitrogen bubbles can be expected to have Sauter diameters of ~3 mm.

7.3 Conclusions

Measurements regarding the influence of the system pressure and the gas type were
carried out in two differently scaled reactors featuring different pressure ranges.
First, experiments were carried out at pressures between 1-10 bar. Its was found
that the Sauter bubble diameter decreases with increasing gas densities. On the
basis of the experimental data it was possible to derive a design correlation which
describes the influence of the gas density on the Sauter bubble diameter in the
ABLR. Further experiments have proven that, due to the reduced bubble size, also
kj a and the gas holdup increase with increasing gas densities.

A comparison with the hydrazine feeding method has shown that kj a values mea-
sured with the pressure step technique are too low without exception if kja is
>0.1sl. Due to the poor quality of the k; a measurements it was not possible to
derive a correct design correlation. For future works a more reliable technique has
to be applied to measure k; a with the ABLR at elevated pressures.

Further experiments were carried out with a pilot plant at pressures between 10-80
bar. Again it was found k; a is increased by increasing pressures, i.e. the results
obtained at lower pressures could be confirmed for a much broader pressure range.
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Appendix 1
Analysis of the bubble pictures

Al.1 Introduction

For the measurement of meaningful bubble size distributions lots of pictures have
to be analyzed. This is often done manually but the task can be very tedious and
time consuming. Therefore, the goal was to develop an image analysis approach
which would allow the automatic determination of the bubble size distribution.

In this chapter many expressions coming from image analysis sciences will be
used. Although the effort was made to keep matters as simple as possible one may
have to consult other literature for more detailed explanations. At this place the
excellent handbook by Russ (1995) which covers almost all aspects of image anal-
ysis (especially the basics) is recommended.

Three different types of images had to be analyzed in this study: PVM pictures of
the plunging jet zone, PVM pictures of the bulk bubbles in coalescence hindered
liquids and photographs of the bulk bubbles in coalescing liquids (taken from the
outside of the reaction vessel). The characteristics of these images are described in
Fig. Al-1.

It is apparent that the development of one single, fully-automated image analysis
procedure for all these picture types was not possible. In image analysis sciences a
rule of thumb says, that a successful object detection with image analysis is only
possible if the human eye can identify the objects easily. In addition the objects
should possess distinctive features which distinguish them from the rest of the
picture (e.g. spherical shape). As seen in Fig. Al-1 this is only the case to some
extent with the PVM pictures of bulk bubbles in coalescence hindered liquids

(type b).
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a) Plunging jet zone
Source: PVM

In this region the bubbles are
very small. Due to the very high
gas holdups in this region much
bubble overlapping takes place. It
can also be seen that several bub-
bles are (despite their small size)
deformed because of the high
shear rates in this region.

The distinction of single bubbles
by eye is sometimes difficult.

b) Bulk bubbles in coalescence
hindered liquids

@ | Source: PVM

Most bubble diameters are within
in the range of 100-600 pm.
Since the shear rates in this
region are moderate all bubbles
have the shape of rigid spheres.
The degree of bubble overlapping

| is rather low.
| The distinction of single bubbles

by eye is very easy.

¢) Bulk bubbles in coalescing
liquids

Source: Digital camera

The bubbles are much larger than
in the two other cases. Most of
the bubbles are of ellipsoidal
shape, some are even more
deformed. Massive bubble over-
lapping takes place.

The distinction of single bubbles
1S even by eye in many cases
rather difficult.

Fig. Al-1: Description of the three different image types
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Therefore, the following approach was chosen: For pictures of the type b) a fully-
automated image analysis procedure was developed (see Appendix A1.2). For the
types a) and c) the bubble detection had to be carried out by hand'. The correspond-
ing procedure is described in Appendix A1.3.

A1.2 Description of the fully-automated image analysis
procedure

The first thing to do when trying to apply image analysis is to look for distinctive
features in the pictures which could help in the recognition of specific objects or
patterns by the computer. One always has to bear in mind that for a computer an
8 bit greyscale picture is just a matrix containing elements with values between
0 (= black) and 255 (= white). Therefore, the basic difficulties regarding the appli-
cation of image analysis will be discussed in more detail.

Picture A in Fig. A1-2 was taken using a microscope, a camera and rear lightening
and shows small air bubbles in a salt solution. Picture B was taken in the ABLR
(near the wall of the reaction vessel) using the PVM and shows air bubbles in a
0.25 M Na,SOy-solution.

Fig. A1-2: Bubble pictures of different quality

1. Ritter and Kraume (1999) for instance had to proceed likewise because in their case
heavy drop overlapping prevented an automated image analysis.
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Fig. A1-3: Binary pictures created by the thresholding function

While the human eye has no problem to discern the bubbles in both pictures sev-
eral difficulties arise when using image analysis with picture B.

In picture B the bubble features do not correspond to a specific brightness level.
High greylevels can be found as well in the centre or the rim of the bubbles as in
the background. The same can be said for the low greylevels. By way of contrast
the bubble rims in picture A contain exclusively pixels of low greylevels which
makes feature detection very easy.

This 1s illustrated in Fig. A1-3. A simple thresholding function was applied to
both pictures of Fig. A1-2. The results are binary pictures containing only black
and white pixels. In picture A objects (= connected black pixels) which corre-
spond to the bubble rims are obtained. However no usable results could be gener-
ated in picture B this way, i.e. direct extraction of the bubble diameters is not
possible.

Another difficulty to cope with is the increasing number of overlapping bubbles at
high gas-holdups. Next to the sharp bubbles nearest to the probe window there are
also many other, though blurred bubbles in the background. At high gas-holdups
the number of bubbles is so large that the blurred bubbles will fill almost the entire
background (see Fig. A1-2, picture B). Therefore, the image analysis approach
had also to be able to make a distinction between the sharp bubbles and their
background.
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The image analysis procedure that was developed for this work is structured in
three steps which will be described in more detail on the following pages:

1. Binarization of the PVM picture
2. Circle detection

3. Blob detection and bubble diameter measurement

Binarization of the PVM picture

The approach takes advantage of the many reflections on the bubble rims and the
very bright spots in the bubble centres caused by the laser flashes. The sharp bub-
bles in the foreground show many and very steep greylevel changes on their sur-
face whereas the bubbles in the background show only rather smooth changes in
their greyscale values.

This fact can be used for the distinction between the bubbles to be detected and the
background. A function for edge detection which calculates the maximum of eight
directional derivatives finds areas of high slope. The result is a grayscale image in
which the brightness of the pixels represents the gradient magnitude.

To select only the pixels with the highest slopes a thresholding function is applied
to this image. Pixels with greylevels higher than a specified value are converted
into white pixels, all others into black pixels. The result is a binary image in which
the white pixels represent parts of the bubble rims or the bubble centres. To
increase the number of white pixels a hole filling operation is used. The summary
of the image conditioning step is depicted in Fig. A1-4.

Circle detection

In the second step the binary image is scanned for circular structures. This is done
by using a circular Hough transform. The forward transform generates a vector of
images where each image in the vector corresponds to circles of one radius. A
pixel value in an output image represents the fraction of white pixels in the input
image on a circle centred at the corresponding pixel with a radius equal to the
radius value associated with the image. The pixel values are normalized to a value
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Edge
Detection

Thresholding

Hole
Filling

Fig. A1-4: Binarisation of the original picture

of 255 for a complete circle. In other words the circular Hough transform of a
binary image is a three dimensional function of x,y and r (radius) giving the frac-
tion of pixels on a circle of radius r centred at (x,y) that are white.

The binary picture is scanned for radii between 15 and 240 pixels. Only circles with
a fraction of white pixels larger than 65% (i.e. greyscale value = 165) are accepted.
This is achieved by applying a thresholding function to the transformed images.
Additionally only circles which are centred on the brightest spots of the original
image are used for further processing. This way wrongly detected circles are
deleted since the brightest pixels in the original image mainly correspond to the
blossom like reflections in the bubble centres. The selection is done by using an
AND-operator.

The reverse Hough transform converts the obtained images for each radius r to
images containing circles of radius r. In the end all images are summed up. The
result is a greyscale image where the pixel brightness is a measure how often a
pixel was found to be part of a circle. The summary of the procedures for the circle
detection is illustrated in Fig. A1-5.
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Thresholding
(at 150)
o+
Hole filling

Circular Hough
Transform
(forward)

Thresholding
(at 165)

Circular Hough
Transform
(reverse)

\

Circle Detection
(for r = 15 to 200 pixels)

r=50

AND

T

- AND

Fig. A1-5: Procedure for the circle detection
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Blob detection and bubble diameter measurement

In the third and last step the actual image analysis, i.e. the measurement of the
bubble diameters takes place. An illustration of the occurring operations is given
in Fig. A1-6.

Deletion of all non-
spherical blobs

Thresholding
+
Hole filling

Measurement of the
blob diameters

float[a]
[0.4] 121,175,151, 112, 125,
(5.7 60,118, 77

Fig. A1-6: Blob generation and diameter measurement

As already mentioned the greyscale values in the summed up picture from step 2
are a measure for how often a pixel was found to be part of a circle, i.e. the grey-
scale values can be regarded as the probability that a pixel really belongs to a bub-
ble rim. Therefore every pixel below a specified greyscale value should be deleted
since the probability that it belongs to a bubble rim is very low. This is done by a
thresholding function which returns a binary image. Holes are filled using a hole
filling operator.
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Once the binary image is generated the bubbles can be extracted in the form of
blobs!. There may still be some blobs which do not represent entire bubbles but
bubble fragments or several overlapping bubbles.

Small fragments are removed by accepting only blobs which contain more than
100 pixels. Larger fragments and overlapping bubbles are filtered out by accepting
only blobs which fulfill the following condition:

Best f%t ell%pse Minor axis , o (A1-1)
Best fit ellipse major axis

This step also leads to the deletion of bubbles which cross the border of the image
because their blobs are not of circular shape. The diameters of the remaining blobs
are calculated from the difference of the maximum and minimum x-coordinate of
each blob. This allows the correct diameter measurement even for circular blobs
that are not filled.

Finally all diameters are saved for the later calculation of the bubble size distribu-
tion. Then the next picture is opened and the image analysis procedure starts again.

Discussion

The results of the image analysis procedure were compared with measurements
carried out by hand (with image analysis support, see Appendix A1.3) in order to
get an indication of the procedures quality. It has to be pointed out that with the
manual measurements overlapping bubbles and bubbles crossing the image bor-
ders were also recorded. The manual analysis of 100 pictures took approx. 3-5
hours whereas the fully automated computation needed around 7 hours, i.e. the
image analysis procedure could not be used for on-line measurements>.

The comparison showed that about 30-50% of all the manually identified bubbles
were also detected by the image analysis procedure. The low detection ratios are
the result of the very strict acceptance criteria for blobs in the procedure. During
the development of the image analysis procedure a high value was set on avoiding

1. Blobs are connected regions of equally valued pixels

2. The fact that the automated analysis takes more time than the manual one might be a
surprise. The reason for this is the circular Hough transform which is responsible for
> 90% of the computation time.
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any false detection of bubbles. Therefore, a questionable blob is rather rejected
than accepted.

An example of both bubble size distributions is illustrated in Fig. A1-7. It can be
seen that the modes of both distributions compare rather well. The number density
of the computed distribution is between 150 and 350 um higher and at all other
diameters lower than the manual one. Apparently the image analysis procedure
works best for mid-sized bubbles, i.e. the probability for successful bubble detec-
tion is highest between 150 and 350 pwm.

0.006
0.005 - ---Manual bubble detection |
—_ d, = 349 um, d,, = 574 pm
'€
= 0.004 —— Automatic bubble detection
> d, = 320 um, d,, = 422 um
)]
S 0.003f —
©
g 0.002
e
3
=
0.001 | -
0= I T l R E—
0 200 400 600 800 1000 1200

Bubble diameter [um]

Fig. A1-7: Computed bubble size distribution in comparison with the actual distribution

Bubbles that exceed the image borders are either not detected by the circle detec-
tion step or later deleted because their blobs are not of circular shape. Therefore the
probability that a bubble is detected decreases with its size because the larger a
bubble is, the larger is the chance that it crosses the image borders. This is the rea-
son for the rather few detected bubbles with diameters over 700 mm.

The image analysis procedure also shows some errors regarding the identification
of very small bubbles. This has two reasons. First the scanning for circles starts at
aradius of 15 pixels (= diameter of 82.5 um) and therefore smaller bubbles are not
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detected. (The lower radius boundary could be reduced but that would result in
even higher errors. Every centre reflection and many fragments of the bubble rims
would then be wrongly detected as small bubbles). Secondly very small bubbles do
not show the characteristic rim reflections which are required for the bubble detec-
tion.

The effect of the described detection errors on the number mean bubble diameter
dy and the Sauter bubble diameter ds, is also exemplarily shown is Fig. A1-7.
While the deviations have little impact on the number mean diameter (<10%),
their influence on the Sauter bubble diameter is rather large (approx. 30%).

Conclusions

The efforts to develop a fully automated image analysis procedure lead to a very
limited success. The image analysis procedure showed considerable errors even
with images containing only spherical bubbles. Therefore the image sequences
had to be checked by eye first, making sure that the image analysis procedure was
only applied if the vast majority of the bubble diameters was between 100 and 500
um. Image sequences not meeting this criteria had to be analyzed by hand. Thus,
the applicability of the image analysis procedure was very limited.
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A1.3 Description of the procedure using manual
bubble detection

Although the bubbles were detected manually the actual bubble size measurement
was still carried out by the computer. Fig. A1-8 illustrates the used procedure sche-
matically.

Open the first
image of a
sequence

Open next image

Manual tracing of the bubble
rims using circles and polygons

Last
image of
sequence?

Y

Create vector containing
all bubble diameters of
the image sequence

Telaclanihist

Fig. A1-8: Image analysis procedure using manual bubble detection
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The images of one sequence were opened in turn automatically. For every image
manual input was needed to point out the bubbles to the computer. Two possibili-
ties were available for this task. Approximative spherical bubbles could be
described with circles. The rims of deformed bubbles could be traced using
polylines with connected ends. After all bubbles of an image were marked the
diameters of the bubbles were computed by the software! and stored in a buffer.
Then the next image was opened.

When all images were treated this way the computer returned a vector containing
the bubble diameters of the entire image sequence.

1. The equivalent circle diameter (see Rhodes, 1990) was used to describe the size of the
deformed bubbles.
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Appendix 2
Calculation of the bubble size distribu-
tions, d3, and the specific surface area

A2.1 Bubble size distribution

The image analysis procedure returns a vector containing all measured bubble
diameters of one image sequence (see Appendix Al). The bubble size distribution
that can be calculated directly from this vector is the number distribution because
every element corresponds to one single bubble. The corresponding definition of
the cumulative distribution function for bubbles of the diameter d is given in
Eq. A2-1:

Number of bubbles with d < di

Total number of bubbles (A2-1)

Qo(di) =

If the proportion of bubbles with a diameter between d; and d;_; is related to the
width of this interval, one gets the number density:

_ Qo(dj) - Qp(di_ 1) AQy ;

o, i d—d_, = A, (A2-2)

For both the density and the cumulative distribution the scaling condition of
Eq. A2-3 applies. It should be noted that in this chapter sums are rather used than
integrals since the on hand data was discrete.

dmax dmax
Y qpiAd = ¥ AQy =1 (A2-3)
dmin dmin

The arithmetic mean bubble diameter d_0 can be calculated using the following
equation:
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n —
dy = 21d do,i " Ad; EIdi'AQo,i (A2-4)
i= i=

In order to calculate the bubble size distribution in relation to the dispersed volume
instead to the number of bubbles, the following equation is used:

CT3
4y = ———0 (A2-5)
b n _3
Zdi “qo,i - Ad;

i=1

A2.2 The Sauter diameter d3,

However, for absorption processes the arithmetic mean bubble diameter of the
number distribution is of little relevance or use. For these processes another mean
diameter is used, the surface mean diameter ds, also called the Sauter diameter. It
represents the mean bubble size that has the specific surface area of the entire bub-
ble population. The Sauter diameter can be calculated directly from the number
distribution:
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A2.3 Specific surface area

With d3, and the gas-holdup € the specific surface area a can be calculated. Atten-
tion should be paid that Eq. 2-16 has strict validity only for spheres. However, one
has to bear in mind that the diameter of deformed bubbles was defined as the equiv-
alent circle diameter (see Rhodes, 1990). The bubble surface calculated from this
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diameter is therefore smaller than the actual one. This has to be taken into account
when calculating the specific surface area.

The bubble deformation can be taken into consideration using the shape factor v,
also called sphericity. Its definition is shown in the following equation:

v = surface of the volume-same sphere _ (dv)z (A2-7)

actual surface d.

S

Especially in coalescing solutions most of the bubbles were deformed. In nearly all
cases the bubbles were of elliptical shape. Therefore, ellipses were used to describe
the bubble deformations. The procedure was as follows: The blobs of the deformed
bubbles were fitted with ellipses of the same area. Then the best fit major axis b
and the best fit minor axis a were extracted. The bubble shapes could now be
described with a single parameter by forming the axis ratio a/b.

Over 1000 bubbles were analyzed this way and the result is shown in Fig. A2-1. It
can be seen that the large majority of the bubbles has an axis ratio larger than 0.6.
The mean axis ratio is 0.75.
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Fig. A2-1: Distribution of ellipse axis ratios with deformed bubbles

With the assumption that the bubbles feature rotary symmetry the corresponding
sphericity can be determined from Fig. A2-2. For the major part of the bubbles the
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sphericity can be approximated with = 1. Therefore, the deformation of the bub-
bles can be neglected and the specific surface area a can be calculated with Eq. 2-
16.
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Fig. A2-2: Sphericity y of an ellipsoidal shaped particle (taken from Stiess, 1992)




-141 -

Appendix 3
Mixing characteristics

To determine the mixing characteristics of the two phases inside the reactor their
residence time distributions (RTD) were measured. This was done by applying a
stimulus-response technique. With no tracer initially present in the reactor a pulse
tracer input signal was imposed on the fluid stream entering the reactor. Then the
concentration-time curve at the reactor outlet was measured. Thereof the E-func-
tion of the liquid phase was calculated according to Eq. A3-1.

E(t) = = Ciracer(t) (A3-1)
J.Ctracer(t) -dt
0

Or using the dimensionless form with 0 = t/T ;.10 Where Tpeycror 1S the mean resi-
dence time of the fluid in the reactor:
E(0) = Ctracer(e) -1

J. Ciracer(9) - O
0

-E(t) (A3-2)

reactor

Attention should be paid that the concentration-time curve can only be used
directly if the response time of the measuring probe is negligible, i.e. if Type <<
Treactor 18 fulfilled. If this is not the case the measured signal has to be corrected
first. This is done by modelling the probe lag with a suited function and applying
a deconvolution algorithm to the experimental data. This procedure is described in
Appendix A3.2 in more detail.

All measurements were carried out with the air/water system using the following
reaction mixer geometry: Nozzle diameter 6.2 mm, mixing tube length 22.0 cm,
swirl device 180°.
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A3.1 Liquid phase RTD

To determine the overall mixing characterstics of the liquid phase the reactor was
operated in continuous mode. A constant water stream (1000 1/h) was fed into the
vessel and at a different point water was let out at the same flow rate. A concen-
trated KCl-solution served as tracer. It was injected into the feeding stream by
using a syringe. The tracer concentration was measured in the outlet stream by a
conductivity probe. The applied setup is illustrated in part a) of Fig. A3-1. By
changing the pumping speed it was possible to vary the recirculation number R,
which is defined as the ratio of the recirculation and the exit flow rate.

a) b)

RV’ - D

1000 \ pulse tracer
I/h T input

\'A g

|
N R

pulse tracer
input

G

Fig. A3-1: Measurement of the liquid mixing characteristics: a) Setup for continuous opera-

tion, b) Setup for batch operation

Since the conductivity measurements are very fast regarding the response time of
the probe no correction of the experimental data was needed.

The results are shown in Fig. A3-2. The measured data coincides very well with
the ideal case of a constant flow stirred tank reactor (CFSTR). Even at the lowest
recirculation rate (R = 1.5) the liquid phase can be described as ideally mixed. This
is of great importance regarding the applicability of the hydrazine feeding tech-
nique since it gives only correct results if the liquid phase is well mixed (see Sec-
tion 3.1.2.4).
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Fig. A3-2: Dimensionless RTD of the liquid phase during continuous operation

In addition the reactor was also operated in batch mode in order to get more infor-
mation regarding the mixing processes inside the vessel and the liquid recycle pipe.
The relevant setup is shown in part b) of Fig. A3-1.

The tracer was injected into the plunging jet and its concentration was monitored
with a conductivity probe located in the lower part of the vessel, near its wall. By
changing the pump speed the liquid circulation flow Q was varied.

It should be pointed out that only 20 liters of water were filled into the reactor. With
a larger batch the contribution of the liquid recycle (Viecycle = 5.2 liter) to the total
liquid volume would have become too small for any distinctive measurements.

The dimensionless representation of two concentration-time curves measured dur-
ing batch operation is shown in Fig. A3-3. c(t=<<) is the homogeneous tracer con-

centration at the end of a measurement and T is the mean liquid residence

recycle
time in the recycle pipe. The measurements are C(}),mpared to a model consisting of
a CFSTR for the reaction vessel and a plug flow reactor (PFR) for the recycle
pipe. As can be seen the curves agree very well. Hence, the liquid phase mixing
inside the ABLR can be modelled with a loop which is built of one CFSTR and
one PFR. If the amount of liquid filled into the reactor (Vj;q) is much larger than
the volume of the recycle pipe (Viecycle), the influence of Vig.ye can be neglected

and the mixing can be described with a single CFSTR.
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Fig. A3-3: Tracer concentration in the vessel after a pulse input during batch operation
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A3.2 Gas phase RTD

The residence time distribution of the pulse tracer

gas phase was measured using input
Dichlorodifluoromethane (CCl,F,) j .
as tracer. The tracer was injected into I

the entrained gas stream and its con- I'I ‘l‘
centration was measured by a leak P @
detector (BALZERS) at the gas out- -
let. A schematic illustration of the
applied setup can be found in

Fig. A3-4.
The gas residence time distribution

was measured under different operat- \(
ing conditions. The liquid recircula-

tion rate Q and the gas entrainment

ratio Qg/Q;, were varied within the
. . Fig. A3-4: Setup for the gas RTD measurement

same range as it was used later with

the k; a measurements. Some exam-

ples of the measured concentration-

time curves are shown in Fig. A3-5. Despite the different operating conditions the
shapes of the curves are very similar. Therefore, it can be concluded that the mixing
characteristics of the gas phase are virtually identical within the examined range

and can be described with the same residence time distribution.

However, the measured E curves do not represent the actual mixing characteristics
of the gas phase. Unlike the measurements with the conductivity probe the
response lag of the gas leak detector cannot be neglected. A description of the pro-
cedure that was applied to determine the actual E curves follows next.

It was found that the measured E curves could be approximated very well with the
following equation:

b0

E(0), ., = by-0-¢ (A3-3)

meas

On the other hand the response lag of the leak detector was quantified by measuring
its response to a step tracer signal. It was found that its response curve could be
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Fig. A3-5: Measured E-curves of the gas phase at different operating conditions

described as a first-order lag with a time constant T of 3.2 seconds. Thus it was pos-
sible to formulate a relation between the measured and the effective E curve:

dE(e)meas

E(e)eff =T - do

+E(0) (A3-4)

meas
T" is defined as the ratio of the time constant T and the mean residence time of the
gas phase in the reactor 7.

To calculate E(O).¢ the Laplace transformation was applied to Eq. A3-4. Hence
follows:

E(S)etr = £{E(O)e} = ST - E(8) peas + B(8) meas (A3-5)

And by inserting the Laplace transformation of the measured E curve E(0)4s

b
E(s)meas = £{E(e)meas} = —05 (A3-6)
(b, +5s)
Eq. A3-5 becomes
b
E(8)oer = £{E(O) g6} = (14sT) —2— (A3-7)

(b, +s)’
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The effective E curve E(6).¢ can now be calculated using the Laplace back-trans-

formation:

E(0) ¢ = £ {E(s)y} = by-0-e

b,6

* "ble
+by-T" - (1-b,0)-¢ ' (A3-8)

An example of the entire deconvolution procedure is illustrated in Fig. A3-6.

1.0
\
N © Q =20m’h,QyQ =18
=+ = Fitted E(0),)0s
0.8 — E(e)eﬁ ]
o? o --- CFSTR
/ s ~
— 06 [ ~
L I
) ’
i .
0.4 ,'<>
'
)
0.2
[
.o
'
Lo
T T T
0.0 0.5 1.0 1.5 2.0

0 [-]

Fig. A3-6: Measured and effective E curves

The shape of the effective E curve was compared to the extreme cases of CFSTR
and plug flow behaviour. As can be seen the effective E curve is approximated

rather good by the CFSTR curve. Therefore,

the gas phase can be considered as

approximately well mixed. For the measurement of k; a this means, that the oxygen
concentration at the gas outlet equals the mean oxygen concentration in the gas

bubbles.
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Appendix 4

Experimental data

A4.1 Air/water (ambient pressure)

Temperature: 25°C

Mixing tube diameter: 12.0 mm

Liquid batch size: 45 1

dN lM Xswirl €s QG QG/ QL €tot kLa
[mm] | [mm] ° [kW/m3] | [m*m] | [ [-] s
6.2 220 180 0.84 2.88 1.97 0.03 0.03
6.2 220 180 1.34 3.35 1.96 0.04 0.05
6.2 220 180 1.98 3.78 1.94 0.07 0.07
6.2 220 180 2.81 4.15 1.90 0.09 0.09
6.2 220 180 2.79 4.15 1.90 0.09 0.08
6.2 220 180 2.79 4.15 1.90 0.09 0.09
6.2 220 180 2.81 4.15 1.90 0.09 0.08
0.2 220 180 2.79 4.26 1.95 0.09 0.08
6.2 220 180 2.81 4.26 1.95 0.09 0.08
6.2 220 180 2.81 4.26 1.95 0.09 0.09
6.2 220 180 3.77 4.58 1.90 0.11 0.12
6.2 220 180 4.84 4.91 1.87 0.14 0.17
6.2 220 0 0.83 0.71 0.49 0.03 0.05
6.2 220 0 1.32 0.94 0.55 0.05 0.08
6.2 220 0 1.97 1.31 0.68 0.08 0.10
6.2 220 0 276 2.24 1.04 0.11 0.17
6.2 220 0 3.66 4.15 1.75 0.13 0.24
6.2 220 0 3.94 4.75 1.98 0.16 0.25
6.2 220 270 0.83 2.95 2.03 0.02 0.02
6.2 220 270 1.32 3.49 2.05 0.04 0.04
6.2 220 270 1.98 3.93 2.02 0.06 0.06
6.2 220 270 2.79 4.42 2.03 0.09 0.07
6.2 220 270 3.75 4.86 2.02 0.11 0.09
6.2 220 270 4.84 5.29 2.02 0.14 0.12
6.2 220 90 0.83 1.42 0.97 0.03 0.05
6.2 220 90 1.34 1.75 1.02 0.05 0.07
6.2 220 90 1.96 222 1.14 0.07 0.11
6.2 220 90 2.75 3.27 1.52 0.11 0.15
6.2 220 90 3.55 4.26 1.81 0.13 0.20
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dn Im Aswirl eg Qe | Qc/QL | etot kpa
[mm] | [mm] ° [kW/m3] | (m3n] | [-] [-] [s]
6.2 220 90 421 5.02 2.03 0.14 0.26
6.2 220 90 1.75 1.69 0.98 0.06 0.09
6.2 220 90 2.54 2.95 1.52 0.09 0.14
6.2 220 90 3.13 3.98 1.95 0.12 0.15
6.2 220 920 3.52 4.42 2.12 0.14 0.16
6.2 220 90 4.00 4.69 2.17 0.16 0.17
8.0 220 90 0.82 1.54 0.77 0.05 0.05
8.0 220 90 1.35 1.89 0.80 0.06 0.07
8.0 220 90 2.00 2.29 0.86 0.08 0.12
8.0 220 90 2.63 2.84 0.97 0.11 0.17
8.0 220 90 3.13 3.09 1.01 0.14 0.20
8.0 220 90 3.64 3.19 1.00 0.15 0.25
8.0 220 180 0.82 1.86 0.93 0.03 0.04
8.0 220 180 1.32 2.16 0.93 0.06 0.06
8.0 220 180 2.00 2.48 0.93 0.09 0.09
8.0 220 180 2.90 2.67 0.88 0.12 0.13
8.0 220 180 3.87 2.86 0.86 0.14 0.18
8.0 220 180 4.83 3.27 0.92 0.16 0.26
8.0 220 270 0.82 1.58 0.80 0.04 0.03
8.0 220 270 1.34 1.91 0.82 0.06 0.05
8.0 220 270 2.02 2.25 0.84 0.09 0.06
8.0 220 270 2.87 2.62 0.87 0.13 0.08
8.0 220 270 3.87 2.87 0.86 0.16 0.10
8.0 220 270 5.03 3.14 0.86 0.18 0.14
8.0 220 0 0.82 0.98 0.49 0.05 0.06
8.0 220 0 1.35 1.31 0.55 0.07 0.10
8.0 220 0 1.97 2.62 0.98 0.10 0.17
8.0 220 0 2.48 3.01 1.05 0.13 0.22
8.0 220 0 293 3.17 1.05 0.14 0.24
8.0 220 0 3.45 3.29 1.03 0.16 0.29
8.0 120 0 0.82 0.65 0.33 0.04 0.05
8.0 120 0 1.33 1.09 0.46 0.06 0.08
8.0 120 0 1.89 2.62 0.99 0.09 0.12
8.0 120 0 2.48 2.95 1.02 0.11 0.18
8.0 120 0 2.85 3.17 1.06 0.13 0.21
8.0 120 0 3.28 3.27 1.05 0.14 0.25
8.0 120 0 3.25 3.27 1.06 0.14 0.25
8.0 120 90 0.82 1.96 0.97 0.04 0.05
8.0 120 920 1.33 2.40 1.01 0.06 0.08
8.0 120 90 1.98 2.73 1.01 0.08 0.10
8.0 120 90 2.44 3.11 1.10 0.11 0.17
8.0 120 90 3.24 3.27 1.07 0.13 0.21
8.0 120 90 3.65 3.49 1.11 0.13 0.26
8.0 120 180 0.82 2.07 1.04 0.05 0.05
8.0 120 180 1.35 2.40 1.02 0.07 0.06
8.0 120 180 2.00 2.78 1.04 0.09 0.08
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dn v Xswirl eg Qc | Qc/QL | etot kpa
[mm] | [mm] ° [KW/m3] | (m3n] | [-] [-] [s1]
8.0 120 180 2.87 3.11 1.03 0.12 0.11
8.0 120 180 3.87 3.44 1.03 0.14 0.15
8.0 120 180 5.00 3.71 1.02 0.16 0.20
8.0 120 270 0.82 1.86 0.93 0.05 0.04
8.0 120 270 1.34 2.18 0.93 0.08 0.06
8.0 120 270 2.00 2.57 0.96 0.11 0.08
8.0 120 270 2.87 2.89 0.96 0.14 0.09
8.0 120 270 3.87 3.22 0.97 0.16 0.11
8.0 120 270 5.03 3.49 0.96 0.17 0.16
6.2 120 0 0.83 0.65 0.45 0.03 0.04
6.2 120 0 1.33 0.82 0.48 0.05 0.06
6.2 120 0 1.98 1.09 0.56 0.07 0.08
6.2 120 0 2.79 2.18 1.00 0.10 0.11
6.2 120 0 3.65 3.38 1.42 0.13 0.16
6.2 120 0 4.34 4.58 1.83 0.15 0.21
6.2 120 90 0.83 0.94 0.64 0.03 0.04
6.2 120 90 1.33 1.16 0.68 0.05 0.06
6.2 120 920 1.95 1.47 0.76 0.07 0.08
6.2 120 90 2.75 2.73 1.26 0.10 0.11
6.2 120 920 3.61 3.88 1.65 0.13 0.15
6.2 120 920 4.31 5.02 2.02 0.14 0.20
6.2 120 180 0.83 3.27 223 0.04 0.04
6.2 120 180 134 3.79 222 0.06 0.06
6.2 120 180 2.00 4.27 2.18 0.08 0.08
6.2 120 180 2.83 4.78 2.18 0.11 0.09
6.2 120 180 3.79 5.28 2.19 0.14 0.11
6.2 120 180 4.87 5.68 2.16 0.16 0.12
6.2 120 270 0.83 3.20 2.20 0.03 0.03
6.2 120 270 1.32 3.77 2.21 0.06 0.05
6.2 120 270 1.97 4.28 2.20 0.08 0.06
6.2 120 270 2.77 4.80 2.21 0.11 0.08
6.2 120 270 3.75 5.29 2.20 0.14 0.10
6.2 120 270 4.82 5.74 2.19 0.15 0.13
6.2 370 0 0.83 1.75 1.19 0.04 0.03
6.2 370 0 1.33 2.27 1.33 0.05 0.05
6.2 370 0 1.98 2.73 1.40 0.06 0.06
6.2 370 0 2.81 3.20 1.46 0.09 0.08
6.2 370 0 3.75 3.67 1.52 0.11 0.11
6.2 370 0 4.80 4.09 1.56 0.14 0.17
6.2 370 90 0.84 1.69 1.15 0.03 0.04
6.2 370 90 1.34 2.18 1.27 0.05 0.05
6.2 370 90 1.99 2.67 1.37 0.06 0.06
6.2 370 90 2.78 3.06 1.40 0.08 0.08
6.2 370 920 3.73 3.44 1.43 0.11 0.12
6.2 370 90 4.78 3.82 1.46 0.14 0.16
6.2 370 180 0.84 2.51 1.72 0.03 0.02
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dy v Aswirl eg Qe | Qc/QL | et kpa
[mm] | [mm] ° [kW/m3] | (m*m] | [-] [-] s
6.2 370 180 1.34 2.89 1.69 0.04 0.03
6.2 370 180 1.98 3.22 1.65 0.06 0.05
6.2 370 180 2.81 3.55 1.62 0.06 0.06
6.2 370 180 3.79 3.88 1.60 0.08 0.08
6.2 370 180 4.87 4.20 1.60 0.10 0.10
6.2 370 270 0.84 2.51 1.72 0.02 0.02
6.2 370 270 1.34 3.00 1.76 0.04 0.04
6.2 370 270 1.98 3.38 1.74 0.05 0.05
6.2 370 270 2.79 3.77 1.73 0.07 0.07
6.2 370 270 3.75 4.09 1.70 0.09 0.08
6.2 370 270 4.82 4.42 1.69 0.12 0.11
8.0 370 0 0.82 1.69 0.84 0.04 0.04
8.0 370 0 1.35 1.96 0.83 0.06 0.06
8.0 370 0 2.01 2.24 0.82 0.08 0.09
8.0 370 0 2.84 2.51 0.82 0.10 0.13
8.0 370 0 3.65 2.84 0.86 0.12 0.17
8.0 370 0 4.10 3.00 0.89 0.13 0.20
8.0 370 20 0.84 2.18 1.09 0.03 0.03
8.0 370 920 1.35 2.37 1.01 0.05 0.05
8.0 370 90 2.03 2.62 0.97 0.07 0.07
8.0 370 90 2.87 2.90 0.96 0.09 0.10
8.0 370 90 3.75 3.27 0.99 0.11 0.13
8.0 370 90 4.49 3.65 1.05 0.13 0.17
8.0 370 180 0.84 1.96 0.98 0.04 0.03
8.0 370 180 1.37 2.29 0.97 0.05 0.05
8.0 370 180 2.05 2.59 0.96 0.07 0.06
8.0 370 180 2.90 2.89 0.96 0.09 0.08
8.0 370 180 3.87 3.22 0.97 0.12 0.12
8.0 370 180 4.96 3.55 0.98 0.14 0.16
8.0 370 270 0.84 1.64 0.82 0.03 0.03
8.0 370 270 1.34 1.93 0.82 0.05 0.04
8.0 370 270 2.02 2.33 0.87 0.07 0.06
8.0 370 270 2.87 2.73 0.91 0.10 0.07
8.0 370 270 3.90 3.17 0.95 0.12 0.09
8.0 370 270 5.03 3.55 0.98 0.14 0.12
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A4.2 Air/0.25 M Na,SO,-solution

Temperature: 25°C

Mixing tube diameter: 12.0 mm

Liquid batch size: 25 1

dn Im Aswirl eg Qc | Qc/QL | et kpa
[mm] | [mm] ° [kW/m?] | [m3/h] [-1 [-] [s]]
8.0 370 0 1.86 1.86 0.90 0.15 0.68
8.0 370 0 2.64 2.07 0.93 0.23 1.15
8.0 370 0 3.31 2.24 0.96 0.27 1.57
8.0 370 0 1.56 1.64 0.81 0.12 0.43
8.0 370 0 3.09 2.02 0.81 0.16 0.80
8.0 370 0 4.53 2.24 0.80 0.21 1.44
8.0 370 90 1.89 1.53 0.74 0.09 0.54
8.0 370 90 3.37 1.75 0.72 0.18 1.01
8.0 370 90 3.72 1.86 0.76 0.23 1.17
8.0 370 180 2.21 1.20 0.54 0.12 0.51
8.0 370 180 3.88 1.36 0.52 0.18 1.03
8.0 370 180 4.58 1.36 0.51 0.23 1.31
8.0 370 180 2.25 1.20 0.53 0.12 0.37
8.0 370 180 4.10 1.42 0.53 0.18 0.53
8.0 370 270 2.43 1.15 0.49 0.09 0.49
8.0 370 270 4.95 1.42 0.48 0.23 1.32
8.0 370 270 6.63 1.36 0.44 0.29 1.49
6.2 370 270 2.38 2.62 1.55 0.09 0.30
6.2 370 270 4.87 3.17 1.49 0.23 0.70
6.2 370 270 7.16 3.49 1.46 0.27 1.04
6.2 370 180 2.36 2.84 1.69 0.09 0.35
6.2 370 180 4.46 3.33 1.64 0.18 0.66
6.2 370 180 5.91 371 1.70 023 1.02
6.2 370 180 3.92 3.27 1.62 0.19 0.80
6.2 370 180 5.58 3.60 1.61 0.22 1.05
6.2 370 920 2.23 2.13 1.30 0.15 0.58
6.2 370 920 3.56 2.95 1.60 0.21 0.98
6.2 370 90 4.36 3.27 1.69 0.23 1.12
6.2 370 0 2.26 2.13 1.28 0.15 0.55
6.2 370 0 3.64 2.95 1.59 0.23 0.86
6.2 370 0 4.45 3.38 1.73 0.27 1.06
6.2 370 0 1.97 1.80 1.09 0.12 0.42
6.2 370 0 3.21 2.46 1.32 0.19 0.91
6.2 370 0 4.52 2.95 1.44 0.21 1.21
6.2 220 0 1.89 2.29 1.50 0.23 0.79
6.2 220 0 3.09 2.78 1.60 0.27 1.16
6.2 220 0 3.91 3.17 1.70 0.31 1.29
6.2 220 180 2.30 3.22 1.93 0.18 0.61
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dn I Xswirl €s Q¢ Qgs/QL €tot kja
[mm] | [mm] ° [(kW/m3] | [m>/h] [-] [-] [s1]
6.2 220 180 3.82 4.04 2.10 0.25 1.25
6.2 220 180 5.28 4.48 2.13 0.35 1.61
6.2 220 180 1.84 3.44 1.99 0.15 0.18
6.2 220 180 2.15 3.49 2.02 0.20 0.36
6.2 220 180 3.18 3.98 2.02 0.27 0.53
6.2 220 180 4.68 4.37 2.10 0.36 0.89
6.2 220 180 5.98 4.64 2.07 0.39 0.99
6.2 220 180 6.07 4.69 2.11 0.39 0.97
6.2 220 90 1.94 1.75 1.14 0.19 0.64
6.2 220 90 242 2.02 1.25 023 0.76
6.2 220 90 2.77 2.18 1.31 0.25 0.78
6.2 220 90 3.07 2.35 1.37 0.25 0.82
6.2 220 90 3.54 2.57 1.44 0.27 0.87
6.2 220 270 2.38 3.47 2.06 0.17 0.48
6.2 220 270 3.55 3.95 2.05 0.23 0.78
6.2 220 270 4.89 4.37 2.04 0.29 1.19
6.2 220 270 6.42 4.80 2.08 0.35 1.44
8.0 220 180 2.20 1.86 0.83 0.21 0.57
8.0 220 180 3.85 2.18 0.83 027 1.02
8.0 220 180 5.13 2.29 0.82 033 1.20
8.0 220 180 5.13 2.29 0.82 0.33 1.36
8.0 220 0 1.66 1.64 0.84 0.21 0.55
8.0 220 0 2.64 2.02 0.91 0.25 0.71
8.0 220 0 3.72 2.35 0.96 0.29 0.92
8.0 220 270 2.39 1.80 0.78 0.18 0.40
8.0 220 270 4.96 2.40 0.82 0.25 1.01
8.0 220 270 7.07 2.73 0.87 0.31 1.25
8.0 220 90 1.83 1.86 0.92 0.21 0.57
8.0 220 90 2.70 2.18 0.98 0.25 0.83
8.0 220 90 3.55 2.40 1.01 0.29 1.12
8.0 120 90 1.70 1.86 0.95 0.21 0.60
8.0 120 90 2.60 2.18 1.00 0.25 0.82
8.0 120 90 3.53 2.46 1.04 0.27 1.04
8.0 120 0 1.70 1.42 0.72 0.18 0.48
8.0 120 0 2.76 1.69 0.75 0.24 0.65
8.0 120 0 3.79 2.02 0.82 0.27 0.82
8.0 120 270 2.39 2.13 0.92 0.15 0.39
8.0 120 270 5.04 2.84 0.96 0.31 0.84
8.0 120 270 7.30 3.17 0.97 0.36 1.36
8.0 120 180 2.28 2.29 1.01 0.21 0.64
8.0 120 180 3.46 2.51 0.98 0.31 0.97
8.0 120 180 5.04 2.84 1.01 0.36 1.29
6.2 120 0 1.88 2.13 1.41 0.18 0.46
6.2 120 0 3.25 2.51 1.42 0.23 0.68
6.2 120 0 4.30 2.84 1.48 0.27 0.80
6.2 120 90 1.85 2.13 1.43 0.18 0.52
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N Ip Aswirl eg Qe | Qc/QL | et kpa
[mm] | [mm] ° [kW/m3] | (m3n] | [-] [-] [s1]
6.2 120 90 3.09 2.73 1.58 0.23 0.73
6.2 120 90 4.07 3.06 1.63 0.29 0.89
6.2 120 270 2.38 3.71 2.20 0.21 0.65
6.2 120 270 5.08 4.75 224 0.36 1.09
6.2 120 270 3.55 4.26 2.21 0.31 0.95
6.2 120 180 232 3.77 225 0.18 0.65
6.2 120 180 3.49 4.26 225 0.29 0.87
6.2 120 180 4.88 4.69 2.26 0.38 1.33
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Appendix 5

Exemplary bubble size distributions with

different gas densities and reaction mixer

geometries in water

1.0
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Liquid phase: Water
0.6 - Pressure: 7 bar
Power input: 2.3 W/
0.4
0.2 -
0.0
0 2 4 6 8 10
bubble diameter [mm]
1.0
Dnozzie’ 6.2mm
'mixing Iube: 22cm
0.8 Swirl device:  180°
Gas phase:  Nitrogen
Liquid phase: Water
0.6 - Pressure: 1 bar
Power input: 2.3 W/l
0.4 -
0.2 -
0.0
0 4 6 8 10
bubble diameter [mm]
1.0 4
DNoula: 6.2 mm
Im-xina (ube: 22cm
0.8 1 Swirl device: 180°
Gas phase:  Argon
Liquid phase: Water
0.6 Pressure: 1 bar
Power input: 2.3 W/l
0.4
0.2
0.0 1 T T - T 1
0 2 8 10

4 6
bubble diameter [mm]
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Go [mm”"]

1.0+
Dyozate 6.2 mm
Imixing tuba’ 22cm
0.8~ Swirl device: 180°
Gas phase:  Argon
Liquid phase: Water
0.6 - Pressure: 7 bar
Powerinput: 2.3 W/
0.4
0.2
0.0 T T f 1
0 2 4 6 8 10
bubble diameter [mm]
1.0
Drozzie: 6.2mm
Imh(ing tube® 22cm
0.8 Swirl device: no
Gas phase:  Helium
Liquid phase: Water
0.6 ~ Pressure: 1 bar
Power input: 2.3 W/
0.4
0.2+
0.0
0 2 4 6 8 10
bubble diameter [mm]
1.0
Dyozaiet 6.2 mm
I mixing tube* 22cm
0.8 Swir device: no
Gas phase:  Nitrogen
Liquid phase: Water
0.6 Pressure: 1 bar
Power input: 1.1 W/
0.4
0.2
n
0.0 1 1 f T 1
0 2 4 6 8 10
bubble diameter [mm]
1.0+
Dyozzio: 6.2 mm
lmixing tube* 22cm
0.8+ Swir device: no
Gas phase:  Nitrogen
Liquid phase: Water
0.6 Pressure: 1 bar
Power input: 3.1 W/l
0.4
0.2
0.0 T T T T
0 2 8 10

4 6
bubble diameter [mm]

G [mm™]

q, [mm™]

1.0
Dnozziet 6.2 mm
I mixing tube- 22cm
0.8 Swirl device: 180°
Gas phase:  SFg
Liquid phase: Water
0.6 Pressure: 1.9 bar
Power input: 2.3 W/
0.4
0.2
L]
0.0 == 1 t T T 1
0 4 6 8 10
bubble diameter [mm]
1.0
Dyozzte: 6.2mm
'mixing tube’ 22¢cm
0.8 Swirl device: no
Gas phase:  Helium
Liquid phase: Water
0.6 Pressure: 7 bar
Power input: 2.3 W/l
0.4 -
0.2
0.0 1 | R 1 T 1
0 4 6 8 10
bubble diameter [mm]
1.0
Dyozzier 6.2 mm
mixing tube’ 22cm
0.8+ Swirl device: no
Gas phase:  Nitrogen
Liquid phase: Water
0.6 - Pressure: 1 bar
Power input: 2.3 W/l
0.4 -
0.2
e ~
0.0 = 1 i T 1
0 6 8 10
bubble diameter [mm]
1.04
Drozzie: 6.2 mm
'mixing (ube: 22cm
0.8+ Swirl device: no
Gas phase:  Argon
Liquid phase: Water
0.6 Pressure: 1 bar
Power input: 2.3 W/
0.4 -
0.2
0.0 1 T T T 1
0 8 10

4 6
bubble diameter [mm]
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1.0+
Drozzier 6.2 mm
mixing tube* 22cm
0.8 _ Swirl device: no
Gas phase:  Argon
M Liquid phase: Water
< 0.6+ Pressure: 7 bar
£ Power input: 2.3 W/l
£
& 0.4
0.2
0.0 1 1 T 1
0 2 8 10
bubble diameter [mm]
1.0+
Dnozzier 6.2 mm
Imixing tbe® 22cm
0.8 Swirl device: no
Gas phase:  SFg
— Liquid phase: Water
v _ 0.6 Pressure: 1.9 bar
£ Power input: 2.3 W/l
E
& 0.4+
0.2+
0.0 , T |
0 8 10
bubble dlameter [mm]
1.0
Dpozzie: 8.0 mm
Imixing tube® 22cm
0.8+ Swirl device: no
Gas phase:  Helium
Liquid phase: Water
- 0.6+ Pressure: 7 bar
€ Power input: 2.3 W/
E
& 0.4
0.2
0.0 -
bubble dlameter [mm]
1.0
Drozzie 8.0 mm
lmixing mbe: 22cm
0.8 Swirl device: no
Gas phase:  Nitrogen
Liquid phase: Water
- 0.6 Pressure: 1 bar
£ Power input: 2.3 W/l
E
o 044
0.2
—.
0.0 T |
0 8 10

bubble dlameter [mm]

q, [mm™]

1.0
Dnozzier 6.2 mm
| mixing tube* 22cm
0.8+ Swirl device: no
Gas phase:  SFg
Liquid phase: Water
0.6+ Pressure: 1 bar
Power input: 2.3 W/
0.4
0.2
0.0 T T T T 1
0 8 10
bubble diameter [mm]
1.0
Dyozzie: 8.0 mm
lmh(ing lubs: 22cm
0.8+ Swirl device: no
Gas phase:  Helium
Liquid phase: Water
0.6 - Pressure: 1 bar
Power input: 2.3 W/l
0.4
0.2
0.0 1
0 10
bubble dlameter [mm]
1.0
DNozzla: 8.0 mm
Imi)(ing (ube: 22cm
0.8+ Swirl device: no
Gas phase:  Nitrogen
Liquid phase: Water
0.6 Pressure: 1 bar
Power input: 1.1 WA

bubble dlameler [mm]

0.4
0.2+
0.0 -

1.0
Dyozzte: 8.0 mm
[mlxina tube* 22cm
0.8+ Swirl device: no
Gas phase:  Nitrogen
- Liquid phase: Water
0.6 - Pressure: 10 bar
Power input: 2.3 W/
0.4
0.2
0.0 T T — T 1
0 2 8 10

bubble diameter [mm]
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1.0
Dozzier 8.0 mm
mixing tube" 22cm
0.8 Swirl device: no
Gas phase:  Argon
Liquid phase: Water
< 0.6+ Pressure:  1bar -
£ Powerinput: 2.3 W/ E
E E
& 0.4 )
0.2
0.0 T 2 T 1
0 8 10
bubble diameter [mm]
1.0
Dnozzie: 8.0 mm
Imixing tube® 22cm
0.8 Swirl device: no
Gas phase:  Argon
Liquid phase: Water
- 0.6+ Pressure: 7 bar -
£ Power input: 2.3 W/ £
E E
& 04+ &
0.2+
0.0 T T T 1
0 4 6 8 10
bubble diameter {[mm)]
1.0
Dozzie 8.0 mm
Imlxlng tube’ 22¢cm
0.8+ Swirl device: no
Gas phase: SF,
— Liquid phase: Water
w_ 0.64 Pressure: 1.9 bar
g Power input: 2.3 WA
2 0.4
0.
0.2
0.0 T T T 1
0 6 8 10

bubble diameter [mm]

1.0
Dyozze: 8.0 mm|
Imixing tube’ 22cm
0.8+ Swirl device: no
A Gas phase:  Argon
Liquid phase: Water
0.6 Pressure: 7 bar
Power input: 1.1 W/l
0.4 -
0.2
0.0 1 T T 1
0 6 8 10
bubble diameter [mm]
1.0+
Diozate* 8.0mm
Imixing tube* 22cm
0.8+ Swirl device: no
Gas phase:  Argon
Liquid phase: Water
0.6 - Pressure: 7 bar
Power input: 3.1 W/I
0.4
0.2
0.0 1 T 1 T 1
0 8 10

4 6
bubble diameter [mm]
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